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Introduction

—_—

The commercial production of liquid and gaseous fuels derived from coal and oil
shale is currently hindered by a variety of complex and interacting factors., Conver-
sion processes are highly capital-intensive, and their products are at best estimated
to be only marginally competitive with landed world crude oil and imported ING at
current prices, Added to this is a multitude of constraining factors, such as re-
source availability, protection of the environment, sociopolitical considerations,
marketplace logistics, financing, the potential effects of competing new technology,
and the possibility of wider availability of international supplies of lower-cost
crude o0il and natural gas.

Strongly countering this situation is a growing realization of the long-term
need for supplemental supplies of gaseous and liquid hydrocarbons as we enter an era
in which depletion of conventional resources is a worldwide concern, Although re-
covery and conversion will be costly, the United States has substantial reserves of
coal and oil shale that can provide supplemental fuels. This situation, together
with a national goal of reducing dependence on o0il and gas imports, will lead to in-
creasing pressure for the commercialization of synthetic fuels,

This paper presents summary comparative economics estimated for synthetic fuels
from coal and o0il shale and focuses on some of the important financial considerations
associated with the commercialization of synthetic fuels, Some of the pertinent
conclusions are:

o Upgraded shale oil liquids are estimated to be less expensive than
coal-derived liquids and can be marginally competitive with imported
crude oil.

e Based on recent field pilot work, speculative economics look attrac-
tive for low-Btu gas by underground gasification of coal. Large-scale
demonstration appears desirable.

¢ A financing mechanism sheltered from excessive risk will probably be

necessary to encourage commercial synthetic fuels ventures.

The summary economics presented are derived from a variety of studies recently per-
formed at SRI involving the comparative evaluation of synthetic fuels from coal and
oil shale.

Status of Technology

Considerable research and development activity in the United States has recently
been devoted to the conversion of solid fossil fuels into the more desirable energy
forms--clean gases and liquids. This is far from a new concept, Coal has been
gasified to produce town gas, synthesis gas, or reducing gas on a worldwide scale
since early in the 19th century, Underground coal gasification (UCG) has been com-
mercially practiced in the USSR since around 1940, Coal liquids have been recovered
from the pyrolytic coking operations associated with steel manufacturing since early
in the industrial revolution. More recently, during World War II, conversion of
coal to liquid fuels reached a production level of approximately 100,000 barrels per
day in Germany; and coal liquefaction is currently practiced commercially on large



scale in South Africa, However, most of this recent production of liquids was, and
continues to be, by Fischer-Tropsch synthesis from coal-derived gases (CO + Hp), 1In
Estonia, recovery of liquids from oil shale began commercially in the mid-1930s,
Since that time, developmental scale oil shale retorts have been operated in several
countries including the United States, Brazil, and China,

Two notable coal gasification systems that are actively marketed throughout the
world and commercialized in several countries are the familiar Lurgi fixed-bed gasi-
fier and the Koppers-Totzek entrained gasifier, Other gasification systems marketed
commercially are: Winkler, McDowell-Wellman, Woodhall-Duckham, Riley-Morgan, and
Wilputte,

Coal conversion systems at or nearing large-scale development in the United
States or with direct U.S. involvement are listed in Table 1, Also shown are oil
shale retorting systems that have been developed on a large scale in the United
States and have been indicated for use in potential commercial ventures. Of the coal
conversion systems listed, the Lurgi gasifier, as previously mentioned, has already
been widely commercialized for synthesis gas and town gas. It is mentioned here as
a developing system because of its potential extension to production of SNG or fuel
gas, in modified form to permit gasification of caking coals, and for close coupling
with electric power generating systems.

In addition to the developmental oil shale retorting systems listed in Table 1,
large-scale projects are also currently active in Brazil (Petrosix process) and in
Estonia (the Soviet-developed Galoter process), Plans have been announced (1), (2)
in those countries to build commercial-scale plants using the two processes,

Three of the developmental coal conversion processes mentioned--BG-Lurgi slag-
ging, COGAS, and Coalcon--have been chosen by the U.S. Energy Research and Development
Administration (ERDA) at this time for more detailed study to determine suitability
for ERDA/industry jointly sponsored large commercial-scale demonstration. Evaluation
of the first two systems for SNG continues while the future of the Coalcon "Clean
Boiler Fuel” demonstration program is now in considerable doubt, 1In addition, ERDA
and a variety of industrial organizations are supporting the thrust toward demonstra-
tion of low- or intermediate-BTU gas (LBG/IBG) systems with the "Combined Cycle Test
Facility" and ERDA's "Gasifiers in Industry Program,’ which is aimed at the small
and medium sized user, and their "Hydrogen from (Coal Program.'

Economic Analysis

Cost is normally the overriding consideration in bringing a new technology into
the marketplace. In this regard, the most visible competition in the United States
for gaseous and liquid fuels from coal and oil shale (unless there are significant
new finds of oil and gas in North America) is imported world crude oil which is cur-
rently landed at $13 to $15 per barrel ($2.20 to $2.50 per million Btu) and imported
ING which will be somewhat more expensive, Additional competition for the use of
synthetic fuels includes direct firing of coal for power gemeration or industrial heat
(with or without flue gas desulfurization), and eventually natural gas transported
from northern Alaska or the Canadian frontier.

Most of the conversion processes listed in Table 1 have been technically and
economically evaluated by SRI in the course of a variety of recent project work. Sum-
mary process cost ranges are presented in Table 2, Capital costs are presented in
terms of dollars of plant investment per daily production output in barrels of oil
equivalent., Product costs are compared both on the basis of U.,S. regulated utility
economics (cost of service/rate base) and the discounted cash flow (DCF) rate of re-
turn analysis commonly used for commercial ventures, Resulting annual capital charge
rates are 29 to 32 percent for the 15 percent DCF rate of return cases and 15 to 17
percent for the regulated utility analysis. All costs are in terms of mid-1977 con-
stant dollars,
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With the highly debt-leveraged and relatively financially sheltered regulated
utility analysis, estimated process costs vary from $1,50 per million Btu for the
speculative economics associated with low-Btu gas from underground coal gasification
to $5.00 per million Btu for methanol from coal by near-term commercial technology.
These costs increase to $2,00 and $7,25 per million, respectively, for a 100 percent
equity DCF analysis yielding a 15 percent rate of return, On the same DCF basis,
costs for synthetic crude oil from oil shale are in the range of $2,75 to $3.50 per
million Btu ($16 to $21/barrel) for developing retorting and upgrading systems, The
regulated utility analysis results in costs 25 to 30 percent lower than those for the
DCF analysis, Product costs shown in Table 2 are compared and discussed in more de-
tail later in the paper.

A few caveats concerning the development of these costs are clearly in order,
The coal costs specified are intended to represent a mine-mouth conversion plant loca-
tion and therefore do not include coal transportation charges. Furthermore, the costs
presented in Table 2 are battery limits process costs and do not include specific
site-related charges that can be significant, depending on the remoteness of location,
Some of these potentially important site-related factors are: water development proj-
ects (including pipeline and storage); mine to conversion-plant railroads; power trans-
mission lines; access roads; product pipelines; extensive enviroanmental analysis; and
townsite development activities.

These, together with other potential site-specific requirements, could easily in-
crease capital investment by 10 to 20 percent and could add $2,00 to $3.00 per barrel
($0.35 to $0,50 per million Btu) or more to product cost for a synthetic fuels venture
in a remote location, Product cost ranges, based on Table 2, but including provision
for such site-specific costs, are compared in Figure 1. Excessive delay in attaining
design capacity and plant modifications during start-up of new technology are other
factors that will add significantly to costs for first-of-a-kind plants, Over the
life of the project, these items could easily contribute additional product costs in
the range of $1.00 to $3,00 per barrel ($0,20 to $0.50 per million Btu). The costs
summarized in Figure 1 do not include contingency for pioneer plants,

There is some hope of process "learning curve'" cost reduction over near-term
technology with the evolutionary development of advanced technologies. Development
of processes that eliminate or combine process steps could potentially lead to sig-
nificantly lower product costs. An example in the case of SNG could be a system
successfully combining process steps such as gasification, shift conversion, and per-
haps reducing the gas cleanup and methanation requirements, or eliminating the need
for an oxygen plant. Such processes will undoubtedly contribute additional costs of
their own, but significant potential exists for lower overall costs, 1In the case of
LBG/IBG, lower costs could potentially result from successful development of a gasi-
fier using a sulfur acceptor or combined with some other type of hot gas cleanup sys-
tem, The lower cost ranges in Table 2 and Figure 1 represent such advanced or inno-
vative processes, Without such development, it is doubtful that cost reductions of
greater than about 10 percent will be possible with foreseeable conversion technology,
since such systems will probably be composed primarily of plant sections based on
already commercial or near-commercial technology.

Qutlook for Commercialization

Clearly, the considerations concerning commercialization will vary somewhat for
SNG from coal, LBG/IBG from coal, coal liquids, and oil shale. In view of the status
of technology, the economics of production, and other factors, what are the prospects
for commercialization? The following progrnosis is offered,



SNG from Coal: The estimated cost of SNG from western U.S. subbituminous
coal using conventional Lurgi gasification technology in a coalfield location
is estimated to be $3.75 to $4.25 per million Btu (coal at $7 per ton), which
is clearly not competitive directly with natural gas marketed either on an
interstate or intrastate basis. However, a massive and intricate distribu-
tion system exists for transmitting energy in the form of high-Btu gas di-
rectly to the consumer, Therefore, while interfuel competition at the
marketplace will be a prime consideration, there will be strong incentive

to use these existing distribution systems for SNG. Potential direct alter-
native competitors for SNG from coal in the United States are imported LNG
and natural gas transmitted from the northern frontier areas of North
America, However, these alternatives will also involve extremely large
front-end investment, and some will have the additional disadvantages
associated with security of supply. Of course, energy conversion, trans-
mission, and distribution via electrification is a competitor, but again

the costs for that alternative are also significant (3), and comparative
costs are highly dependent on location,

- 3 -. - ~

Some SNG technology is now near commercial and additional systems are ready
for commercial-scale demonstration, However, the cost of conversion plants
will often be large in relation to the capitalization of companies planning
to build such plants, thus making financing difficult without some type

of guarantee for the lending institution, If regulatory approval necessary
for cthe gas pricing structure permits rolling-in of the higher cost of SNG,
then commercialization would probably follow, although it is likely that
some type of debt guarantee will also be required.

Because of necessary regulatory approvals, the probable need for federal
financial sheltering, and the lead-time necessary for plant construction,

it is doubtful that any plants based on Lurgi technology could be on stream
before 1985, However, with regulatory and financial approaches now under
discussion, some commerclal operation appears likely in the period 1985-1990.

LBC/IBG from Coal: LBG/IBG from bituminous coal in an eastern U.S, location
without site-related factors included is estimated to cost about $3.25 per
million Btu for commercial technology and ranging to about $2.50 per million
Btu for some developmental processes,

High conversion plant investment and production costs will limit warkets for
LBG/IBG in the near term; however, some markets may develop in the 1980s due

to the curtailment of natural gas, or where the direct use of coal or heavy

oil is excluded, Potential markets for LBG/IBG technology include utility power
generation (4), industrial fuel (5), synthesis gas as a chemical feedstock,

and reducing gases for the primary metal industries, The production of
synthesis gas from coal may be most attractive in areas of the United States
where chemical manufacturing is heavily concentrated, therefore permitting
construction of large central conversion facilities,

The logistics of coal and gas are important when comparing competitive mar-
kets for SNG from coal with LBG/IBG from coal. For example, coal supply,
distribution, and handling considerations may add significantly to the cost
for the small LBG/IBG producer, Therefore, an SNG-from-coal facility feed-
ing existing natural gas distribution networks may deliver high-Btu gas to
local markets competitively with small-scale systems producing LBG or IBG for
those markets, Moreover, even when large centralized production facilities
are used, both LBG and IBG will require limited but expensive gas distribution
systems which may make delivered SNG less expensive, This type of comparison
is highly site-specific, and generalization.-is difficule,

Recent experimental field pilot work (6) conducted by ERDA's Laramie Energy
Research Center (LERC) in the Hanna Basin in Wyoming indicates progress
toward development of an operable underground coal gasification system in
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the United States, Speculative economic estimates indicate process costs
for low-Btu gas of about $1,50 per million Btu on the basis of regulated
utility economics, Remote site-related costs could increase this to about
$2.00 per million Btu, Coalfield gas-fired power generation will be the
primary market for this gas. Recent cost estimates (7) indicate that this
may be competitive with mine-mouth power generation by direct firing of

coal with flue gas desulfurization. Based on recent LERC experience, it
appears that developmental costs for UCG are in some cases probably the low-
est of any of the synthetic fuel types, UCG will eliminate most of the ob-
jections of stripmining of coal and can permit utilization of thick deep or
otherwise difficult to mine coal seams, although surface subsidence and dis-
ruption and contamination of aquifers are potentially serious problems.
Underground gasification control problems will have to be identified and
overcome before low-Btu gas from UCG can be used in its most logical market--
coalfield-located power generation., UCG technology is in the early stages
of development in the United States; however, based on current field test
results, large-scale demonstration now appears desirable to verify specula-
tive economics, prove necessary operability, and assess environmental effects,
Future commercialization will, of course, be dependent on demonstration re-
sults, Development is not far enough advanced at this time to predict when
commercial application might occur,

Coal Liquefaction: Coal-derived liquids appear to face a more difficult
competitive situation than coal-derived gases, since they will compete di-
rectly with imported oil in petroleum liquids markets. Liquids from oil
shale will also compete directly in these markets.

Costs for low-sulfur liquids and boiler fuel with developmental systems are
estimated here to be in the range of $3.50 to $4,50 per million Btu ($21 to
$26 per barrel) for a 15 percent DCF rate of return, The regulated utility
financing analysis does lower this to the $15 to $19 per barrel range, How-
ever, site-specific factors could easily add $2 to $3 per barrel to the costs

Production of methanol from coal by gasification and catalytic methanol
synthesis is somewhat more expensive than direct liquefaction of coal be-
cause of lower conversion efficiencies (40 to 50 percent versus 65 to

70 percent) and significantly higher capital costs, Based on a DCF rate of
return analysis, the cost of methanol from coal is estimated at a little over
$7.00 per million Btu using near term cowmercial technology before providing
for remote site costs, Even assuming cost reductions due to evolutionary
improvements in technology, and when using a highly debt-leveraged regulated
utility economic analysis, the estimated cost of methanol from coal exceeds
$4.00 per million Btu or $22.00 per oil-equivalent barrel on the process
basis used. DCF costs on the same basis are approximately $6.00 per million
Btu or about $35 per oil-equivalent barrel.

Large pilot plants for the direct production of liquids from coal are now

in varying stages of design, construction, and operation. However, because
of the high estimated costs, it is doubtful that there will be any signifi-
cant commercial production of liquids from coal, other than from potential
government-sponsored commercial scale demonstration programs, before the
mid-1990s, at the earliest. Furthermore, there appears to be little prospect
of methanol being produced from coal in the United States in the foreseeable
future.

0il Shale: Even though this paper is part of a session addressing the com-
parative economics of coal conversion processes, it is appropriate that pro-
duction of liquids from oil shale be considered.

Based on a variety of SRI studies, the costs of an upgraded synthetic crude
0il using developmental retorting systems are estimated (Table 2) to be in
the range of $2.75 to $3.50 per million Btu ($16 to $21 per barrel) for a



discounted cash flow rate of return of 15 percent, The equivalent costs for
regulated utility financing are in the $12 to $15 per barrel range. If it
is feasible to produce and ship raw shale oil or a lightly upgraded high
nitrogen content product, the cost would be $3 to $5 per barrel less at the
plant than for a highly hydrotreated, low-nitrogen synthetic crude. Even
though site-specific factors could easily add $2 to $3 per barrel to the
above costs, shale syncrude with a sheltered .financial basis appears to be
marginally competitive with imported oil (Figure 1),

Shale oil product costs are estimated to be significantly lower than costs
for coal-derived liquids, However, it should be emphasized that the greatest
technical and economic risks in o0il shale production are in shale wmining and
disposal of spent shale, In the case of coal liquefaction, uncertainties
associated with the mining of coal and disposal of ash are considerably less.
Large-scale pilot testing of several retorting technologies has been carried
out. Some of this technology is now ready for commercial-scale demonstration,
Such a demonstration in addition to proving retorting technology reliability
would provide answers to serious questions concerning mining technology,
overall economics, and environmental effects,

The lead-time necessary for construction of a commercial-scale plant would
now probably preclude oil shale operation prior to about 1985, even with an
early decision to construct a plant. 1In general, with access to world oil
prices and a sheltered financial position, together with resolution of en-
vironmental constraints, some commercial production should develop in the
period 1985-1990,

Any discussion at this time of the commercialization of synthetic fuels is not
complete without addressing the issue of potential federal government incentives,
During the 1973-1976 period, at least three industrial groups were willing to ini-
tiate commercial SNG-from-coal projects, assuming their SNG pricing structure was
approved by the Federal Power Commission, No additional federal incentives or finan-
cial sheltering were apparently felt to be necessary to assist commercialization at
that time, Moreover, at least four industrial-sponsored oil shale projects were
set to move forward without federal assistance; indeed, the oil shale groups in most
cases paid large front-end federal lease bonuses for the "opportunity" to do so.

Cost escalation has since magnified the risk of these ventures to a level where
the sponsors have indicated that some type of financial incentive and/or risk reduc-
tion mechanism is now necessary. Four potential incentives often discussed to assist
the commercialization of synthetic fuels processes are:

e Federally guaranteed construction loans
e Product price supports
e Tax credits

e Construction grants.

These incentives are discussed in detail in the report summarizing results of
the Synfuels Interagency Task Force Study in 1975 (8). Since 1975, Congress has
focused legislative attention on the use of loan guarantees. While this technique
is now being sought by regulated producers for construction of SNG plants, there is
no such consensus about loan guarantees among nonregulated producers for ventures
involving synthetic liquids plants.

An alternative to the incentive approach is a modification of the so-called
government-owned, company operated (GOCO) approach, During World War II, processes
for the production of high octane gasoline and synthetic rubber were developed with
federal assistance, The federal government provided the risk capital for initial
construction and operation of pioneer commercial-scale demonstration plants and

.;
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when the plants were commercially proven, they were sold on a bid basis to the indus-
trial developer, or to some other company, This type of approach may now be necessary
to assist construction of pioneer plants, particularly for coal liquefaction, oil
shale, and second-generation SNG systems now under development,

Summary and Overview

Commercial viability of synthetic fuels operation in the'near term is clearly
questionable because of the competition with natural gas and imported oil., Based
on the economic analyses discussed in this paper, LBG/IBG from coal and liquids from
oil shale appear to have the best chances for near-term commercial application.
However, financial success appears to be contingent on economics based on a sheltered
financial position to permit rates of return characteristic of a regulated utility
producer. SNG from coal, while estimated to be more costly than LBG/IBG and shale
liquids, may see earlier commercialization because of an existing sheltered regula-
tory position and because existing transmission, distribution, and utilization sys-
tems are available for the product.

Estimated costs for developmental conversion processes may be reduced by perhaps
20 percent or a little more with evolutionary technology, but greater cost reductions
are difficult to foresee. A notable exception is underground coal gasification
which, while being extremely site-specific and at an early stage of development in

’the United States, can have attractive economics.

Incentives currently discussed may be sufficient to commercialize first-
generation coal gasification systems; however, an alternative such as government-
financed plant construction and operation prior to successful commercial demonstra-
tion with sale to the developer/operator may be necessary’ for commercialization of
pioneer technologies, Even when analyzed using the most attractive financial situa-
tion, the costs of synthetic fuels (UCG is a potential exception) will be at best
marginal with to well above the current and near-term projected prices of natural
gas and imported oil.

It becomes increasingly apparent that it is desirable for the United States to
expand its ability to develop additional indigenous supplies of hydrocarbons, both
to increase the base of a secure supply and to reduce the potentially adverse effect
that excessive imports will have on the U.S. trade balance, However, the free market
driving force for near-term large-scale commercialization of solid fossil fuel con-
version processes is tenuous., Some specific marketing situations will develop; but
in the near- to intermediate-term these will be caused more by shortages of conven-
tional fuels rather than by price competition. 1In the meantime, large-scale research
and development of a variety of systems has reached a significant level of sophisti-
cation and accomplishment, Commercial-scale demonstration of selected technologies
because of the long lead-time necessary to commercialize such technology is now de-
sirable to assist in the selection of the best near- to intermediate-term processes
and for the benefit of long-term ongoing research and development.

Acknowledgment: SRI's Energy Center and Chemical Engineering Laboratory have been
involved in comparative technical and economic evaluations of synthetic fuels
processes since the mid-1960s. Acknowledgment is made of the many staff members
from these two groups who participated in the development of background material
for this paper.
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Table 1

MAJOR COAL CONVERSION AND OIL SHALE RETORTING SYSTEMS NOW UNDER DEVELOPMENT

COAL GASTFICATION

Name

® SNG
- Lurgi
-~ BG-Lurgi
- HYGAS
- COZ Acceptor
-~ BIGAS

- Synthane

o 136/18G!
- Lurgi
- BG-Lurgi
- Texaco (Partial 0xidation)2
- Combustion Engineering
- Battelle (Agglomerating Ash)
- Westinghouse
- GEGAS

- Underground gasification

COAL LIQUEFACTION

® Solid Boiler Fuel

- Solvent Refined Coal

® Low-Sulfur 0Oil
- H-Coal
- Exxon Donor Solvent
- Synthoil

- Coalcon

OIL SHALE RETORTING

e Liquids Production

- TOSCO II
= Paraho

- Occidental

1 . R
Low or intermediate Btu gas

Type

Fixed-bed, dry-ash
Fixed-bed, slagging
Fluid-bed

Fluid-bed

Entrained

Fluid-bed

Fixed-bed, dry-ash
Fixed-bed, slagging
Entrained
Entrained
Fluid-bed
Fluid-bed
Fixed-bed

Laramie ERC technique

Noncatalytic

Direct catalytic
Indirect catalytic
Direct catalytic

Noncatalytic

Circulating Heat Carrier
Internal Combustion

In situ

This general type of technology is also under development jointly by the Royal

Dutch Shell Group and Krupp/Koppers
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Coal Conversion Plant Cost Escalation
Stanley L. Cohen and Fred P. Hayoz

TRW Systems and Encrgy
One Space Park, Redondo Beach, CA 90278 and
7600 Colshire Drive, McLean, VA 22101

Coal conversion plants are capital intensive. At least half the price of coal-
derived synthetic fuels arise from fixed charges (1) and the cost of commercial-
sized plants are such that capital availability is a major problem. Thus, economic
evaluations of coal conversion processes are strongly influenced by the capital
cost estimates used. Further, these estimates in recent years have been subject
to substantial escalation due to inflation. Also, the long periods of planning and
construction required for coal conversion plants compounds both the cffects of
escalation and interest during construction.

Since escalation heavily impacts coal conversion economics, a study was under-
taken for ERDA to: 1. Identify and quantify factors contributing to the reccnt
escalation of coal-based fuel plant cost estimmates. 2. Identify indices which.in
the past have best reflected inflation escalation of coal conversion plants, and
3. Suggest procedures for predicting future capital cost escalation.

Escalation analysis requires at least two cost estimates of the same plant made
at different times. Preferably there should be several sets of estimates for
several plants all using the same process and having about the same capacity.
The only available sets of estimates meeting the above requirements were cost
estimates for the Lurgi coal gasification process. These estimates were particu-
larly valuable since they were based on common design data supplied by the Lurgi
Corp. In addition, the three sets of estimates used were associated with plants
which all used Western sub-bituminous coal to produce from 250 to 288 million
SCFD of pipeline grade gas per stream day.

Prior to the main analysis, the applicability of Lurgi results to other gasification
processes was checked by comparing Lurgi escalation data with estimated escala-
tion for several advanced gasification proccsses under comparable conditions.
These data derived [rom (2) and (3) are tabulated below.

Aug. '74 Cost, Jan, '76 Cost,

Process $MmM $MM % Increasc
IGT Hygas 750 ) 870 16
CO2 Acceptor 760 890 17
BCR Bi-QGas 890 1,030 16
Lurgi ’ 920 1,060 15

From the above, it appears that Lurgi cscalation data can be extrapolated to
advanced pipeline grade coal gasification processes.

Low and medium Btu gas projects present a special problem since cach plant is
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designed to meet a particular customer's demand, (Typically, capacities vary
from 21 to 100 trillion Biu [year].) However, since the reactor and purification
steps of the low Btu processes are similar to those of the Lurgi processes, there
appears to be no a priori reason why escalation for pipeline grade gas should be
markedly different from escalation for lower grade gas processes.

Coal liquefaction presented another problem. Aside frorn methanol (around 85
percent of the Lurgi and methanol processes capital costs are for common equip-
ment), liquefaction and gasification processcs do not have a high degree of cquip-
ment commonality. Conscquently, the approach taken was to perform the analysis
outlined below and then check the main results with experts in coal liquefaction
technology. In brief, the results for inflation escalation did check fairly well.

Lurgi cost estimates were collected and then normalized to place them on as
comparable basis as possible. The normalized data were then disaggregated into
the components of escalation that arise from: 1, Changes in the type of estimate.
2. Changes in knowledge of technology and environmental requirements.

3. Changes in equipment capacity, and 4, Chagges in the costs of equipment,
materials and labor (inflation escalation).

The inflation component of escalation was then compared by statistical tests and
other means with various cost indices. Then, bascd on certain criteria, those
indices best reflecting estimated Lurgi escalation were identified. The results
and implications were analyzed and, finally, methods for predicting future
escalation were suggested.

Five organizations generously cooperated in the collection and analysis of the
estitnates. These were, El Paso Natural Gas Co., Panhandle Eastern Pipeline
Co., Southern California Gas Co., The Fluor Corp. and the Lummus Corp. To
protect the privacy of the estimates, results are identified only as venture A, B
or C.

The component of escalation duc to estimate type was first examined. This
component could arise because a prudent venture manager might require that a
contingency adjustment equal to the upper bound of the accuracy range of the
pertinent type of estimate be included in project costs. However, none of the
estimates obtained had to he adjusted for estimate type because all of the estimates
were ""preliminary' (about + 20% probable accuracy) and all contingency costs were
removed when the estimates were normalized.

After removal of contingency, interest during construction and certain project

specific costs (e. g., coal mine and sales tax costs) the following breakout of
escalation for the ventures was obtained.

13



Lurgi Escalation Results

Venture Iscalation

Sept. '72-July '73  July '‘73-Jan.'75 Jan, '75-Early '76 Comments

Tech. Inflation Tech, Inflation Tech. Inflation
%o % % % % %

A . 38 6 34 56 - - Tech. escala-
tion did not
include design.

B 38 57 8 20 (Jan.) Tecch. cscala-
tion includes
design changes.

C N. A, 60 N. A, 16 (Apr.) Estimates ad-

justed to
remove tech-
nology and
design change
escalation,

Note that estimates were in constant dollars as of estimate date, i.e., no forward
escalation,

There are four indices that are commonly used to track inflation escalation.
These are the Chemical Enginecring (CE), Marshall & Swift (M&S), the Nelson
index of refinery costs (Nelson) and the Enginceering News Record (ENR) indices.
Also, coal-fired power generation boiler plant equipment escalation as given by
the privately circulated Handy & Whitman (I1& W) index was thought pertinent.

The five indices identified above arc based on weighted averages of labor, material
and cquipment costs. But it was suspected that the traditional weighted-average
indices understate the importance of cquipment prices during periods of high infla-
tion such as those experienced between mid '73 and early '75. Consequently, two
pure equipment indices were also compared to the Lurgi data. These were the
Nelson equipment index (a composite of five equipment classes) and an index of
valve and fitting prices which was the only single item index that matched Lurgi
escalation reasonably well. The results of the comparison are tabulated below.
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Comparison of Lurgi and Cost Indices Inflation

Category Escalation
Sept. '72-July '73  July '73-Jan. '75 Jan. '75-Early '76
% o/c %

Lurgi 6 (L)% 56-60 (3)% 16-20 (2)*
Chemical Engineering .

(CE) 5 24 4
Marshall & Swift

(M&S) 2.5 28 5
Nelson Refineries 5 19 7
Engr. News Record

{ENR) 8.5 11 9
Handy & Whitman

(H& W) 6 37 9
Nelson Equipment 4 38 8
BLS Valves & Fittings 5 51 6

* Numbers in parentheses indicate number of observations,

Since the Lurgi estimates only covered about four years, it was thought desirable
to select a process which might exhibit about the same inflation escalation as a
Lurgi process and where data was sufficient to permit development of an index for
a number of years. The ethylene cracking process was selected for the following
reasons: l. Both Lurgi and ethylene plants are reasonably similar from the
standpoint of scaling factors. 2. The front end of a Lurgi plant includes 2 number
of identical gasifiers; the front end of an ethylene plant includes a number of iden-
tical cracking furnaces. 3. Both types of plants have either single or dual puri-
fication systems and substantive compression equipment. Also, they reguire
closely integrated utility systems. 4, Escalation for the ethylene index for 1973-
1975 was 67 percent vs. 55-60 percent for Lurgi from mid-1973 to 1975,

The processes are different in that gasification plants have provision for extensive
solid handling facilities for coal feed and ash removal. But, for other rcasons,
coal preparation and handling.costs were backed out of the estimate during the
normalization procedure.

The cthylene index was used as follows. The coefficient of corxelation "r"
between the rates of change of the ethylene {(Lurgi analog) index and the other
indices were computed. Rates of change were used to reducc the autocorr ¢lation
between successive values of an index. The '"'r" values were then used as one
criterion for selection of a representative index. The other criterion was close-
ness of fit to gasification escalation during the critical inflation period of mid '73
to early '75. The evaluation results are shown below.

15
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Index Evaluation Resulls

-

Index Escalation from Correlation Relative to Ethylene

) July '73-Jan. '75 1965-1975 1970-1975 N
0/0 U MR sl .

Lurgi Plants 56-60 N. A. N. A.

Ethylene Plants N. A, 1. 000 1.000 5

CE 24 0.828 0.758 .

M&S 28 0.736 0.636 /

ENR 11 -0,134 -0.754

Nelson 19 0. 491 0.152 \

Nelson Equipment 38 0. 814 0. 759 lj

H&wW 37 0. 735 0.627

Valves 51 0. 715 0.708

xR >| .625] significant at> .95 Level

!

*%R >| .811| Significant at >.95 Level

The results are also illustrated in Figures 1 and 2. Figure 1 shows the rates of
change of three representative indices and the ethylene index, while Figure 2
shows the actual ethylene values vs. values predicted from the three indices.
The predicted values were obtained by first regressing ethylene values on the
indicated indices to obtain linear equations with relative ethylene costs as the
dependent variables. Then, actual values of the appropriate indices were
inserted into the equations to generate the prediction curves in Figure 2. All
predicted values underestimate inflation in 1974, and then overcompensate in
1975,

\.-‘ \-_/ \.-_z

The results obtained for the Lurgi process were then reviewed with experts in
coal liquefaction. What was learned is summarized below.

-

Lurgi/Ethylene Data Coal Liquefaction Data
Technology 85% for Lurgi, Sept. '72 15% over 4 years .
Escalation to Jan., '75 - ’
Inflation 195% Mid '70-Mid '75, C H4 250% Mid '70-Mid '75 N
Escalation 55-60% Mid '73-FEarly ‘7%, Lurgi Lurgi escalation "in the ball .
el

park't for liquefaction.

It was concluded that the high Lurgi process technology escalation is not typical
of other coal conversion processes in that: 1. A World War II period design had
to be adapted to modern materials and fabrication techniques. 2. The down-
stream design (purification, shift and methanation) had to be adapted to larger

capacities than originally specified. 3. The design had to be adapted to U. S.
codes and environmental regulations.

The implication of this conclusion is that
aggregaled cost data such as that presented in Lurgi ventures to the FPC may
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exaggerate the amount of escalation that might be experienced by advanced coal
conversion processcs.

On the other hand, it was concluded that the inflation cscalation estimated for the
lurgi proccss was generally applicable to other coal-based synthetic fuel pro-
cesses. Using the criterion of fit to high inflation periods, the index for valves
was judged to best reflect the inflation escalation experienced in the critical 1973-
1974 period. Using the corrclation coefficient criterion, either the CE or Nelson
equipment index was judged 'best',

It was also concluded that an equipment type index tracks escalation during periods
of high inflation better than do the weighted- average indices. (Note the CE index
is weighted 61 percent for equipments vs. 12 percent for the Nelson index vs. 0
percent for the ENR index. }

Methods suggested for predicting future escalation included the following:

o Correlate certain representative indices (e. g,, as tentatively identificd above)
with exogeneous indicators by econometric mecthods. Forecasts of the indica-
tors are available from such services as DRI, Chase and Wharton.

e Survey the larger constructor/engineers for 2-4 year trend forecasts on
equipment, material and labor costs pertinent to coal conversion plants.

o Survey a cross-section of process equipment manufacturers to obtain detailed
cost trends.
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ECONOMICS OF COAL GASIFICATION PROCESSES FOR -ELECTRIC POWER GENERATION. PACK,‘G. E.
Fluor Engineers and Constructors, Inc., 3333 Michelson Drive, Irvine, California,
92715

Economic aspects of large coal gasification-power generating plants are presented.

These aspects include thermal efficiencies, capital cost and cost-of-services. Existing
and advanced gasification technologies are investigated. Several concepts that have
been proposed are explored.
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CONVERSION OF COAL TO LIQUIDS BY
FISCHER-TROPSCH AND OIL/GAS TECHNOLOGIES

J. B. 0'Hara, N. E. Mentz, and R. V. Teeple

The Ralph M. Parsons Company
Pasadena, California 91124

INTRODUCTION

Conversion of coal to liquid and gaseous fuels as well as chemical products
has been practiced on a commercial scale in several areas of the world. Pro-
jections of U.S. supply and demand balances for crude oil and natural gas

to the year 2,000 indicate that coal conversion plants are a candidate in
the U.S. for production of environmentally acceptable liquid and gaseous
fuels. To be competitive with alternative energy sources, second generation
production complexes for coal conversion should be large, efficient, simple
and reliable.

This paper describes the characteristics and projected economics for two
candidate second-generation technologies, '"0il/Gas' and a U. S. version of
Fischer-Tropsch.

The term "0il/Gas" was coined during the 1974 Project Independence Blue-
print campaign. The process uses a type of coal hydroliquefaction similar
to SRC II, with reaction severity designed to produce a significant amount
of light hydrocarbons. These are in turn processed to yield substitute
natural gas (SNG) as a prime product. Liquid products include LPG, naphtha,
and fuel oil.

The suggested U.S. version of Fischer-Tropsch incorporates flame-sprayed
catalyst on extended heat-exchanger surfaces yielding several potential
advantages including increased thermal efficiency. Flame-sprayed catalyst
systems have been under development by what is now the Pittsburgh Energy
Research Center (PERC) for about 15 years.

The information presented here is based primarily on conceptual designs and
economic evaluations prepared by The Ralph M. Parsons Company for the Major
Facilities Project Management Division of Energy Research and Development
Administration - Fossil Energy (ERDA-FE).l;2  The conceptual design given
for each process incorporates certain process and equipment items now under
development, primarily within ERDA programs. The designs are intended to
define the potentials for second generation coal conversion complexes
incorporating results of in-progress development work. In concept, these
complexes might be constructed and operated in the mid-'80's to mid-'90's.

This paper will describe the processing, projected product characteristics,
and projected economics for the Fischer=Tropsch and 0il/Gas complexes.
These factors will then be compared, recognizing that each produces signif-
icantly different products. In addition, the 0il/Gas designl will be
extended by hydrotreating fuel oil to produce lower percent sulfur products
at increased cost, to further illustrate the flexibility of the technology.
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Each of these conceptual designs represents only one of numerous possible
configurations. For a given industrial application with a defined coal
source and required product mix, the design would in actual practice be
tailor-made for that particular case.

0IL/GAS

Design Criteria

Preliminary design criteria have been published.3 Key elements of the com—
pleted conceptual design are:

Plant Location Eastern region of the U.S. Interior Coal Province,
which includes portions of the states of Illinois,
Indiana, and Kentucky.

Coal Source Illinois No. 6 seam coal produced in a captive
surface coal mine.

Capacity Approximately 47,000 tons per day (TPD) of run-
. of-mine (ROM) coal which is cleaned, washed and

sized to produce about 36,000 TPD of coal feed to
the process plants. All daily figures are in stream
days. Products include about 165 million standard
cubic feet per day (MM SCFD) of SNG and approximately
75,000 barrels per day (BPD) of liquids consisting of
LPG, naphtha, and fuel'  oil.

Plant Availability The plant is considered to operate at capacity 330
stream days per year, resulting in an availability
factor of 90.4%.

Characteristics The complex is a grass roots facility which cap-
tively produces all utilities and oxygen require-
ments. All effluent streams are treated to meet
environmental standards.

Raw Material and Facilities are prowvided for a l4~day coal inventory
Product Storage and a 30-day liquid product inventory.

Facility Description

An artist's conceptual drawing is presented in Figure 1. A photograph of a
model of the complex is shown in Figure 2. The complex would occupy approx-
imately 600 acres, exclusive of the coal mine. Plant population is about
2,350 people. About 17,500 gallons of water per minute would be drawn from
the source river.

Coal Mine The mine is an integrated strip mine with five
separate areas or mining units to produce 47,000
TPD of ROM coal operating 350 days per year.
The average overburden is 60 feet and average
coal seam thickness is 5 feet. The primary
overburden removal is with 170 cubic yard drag-
lines. The ROM coal would pass through a pri-
mary separation step located in the mining area

21




and then be transferred by conveyor to a coal
preparation plant area where it is cleaned and
sized to produce feed coal to the process plant.

Over the 20-year project operating life, approxi-
mately 57 square miles would be mined out.

Process Plant
A process block flow diagram is shown in Figure 3.

Key to the process is the SRC II hydroliquefaction step. Here, 20,000 TPD
of cleaned, sized feed coal is slurried in coal-derived recycle solvent;
two~thirds of the solvent is unfiltered and contains undissolved coal and
ash, while the remaining one~third has been filtered to remove the solids.
The coal slurry is pumped to 2,050 psig, mixed with hydrogen, preheated to
700°F, and reacted in the dissolver vessel. The dissolver product passes
through a pressure let-down system with the resulting liquid phase going to
a low pressure fractionator. Fractionation products are naphtha, light
distillate used as fuel oil constitutent, heavy distillate used as filer
wash oil and as a product fuel oil constitutent, and the bottoms which
contain solids. The bottoms are split; about half are recycled to the feed,
coal slurry system and the remainder goes to the filters.

The naphtha is hydrotreated to produce saleable product. The light dis-
tillate, a portion of the heavy distillate, and the filtrate are combined
to form the product fuel oil.

Gases emitting from the dissolver pressure let-down system, fractionation,
and the naphtha hydrogenation steps are combined and fed to a monoethano—
lamine (MEA) acid gas removal system to take out the hydrogen sulfide,
carbon dioxide and carbonyl sulfide. The resulting sweet product gas is
then processed in a cryogenic unit for hydrocarbon recovery/separation as
described below. Sour acid gas is sent to a sulfur plant which removes
the sulfur-containing contaminants and produces saleable sulfur.

In the SNG and LPG production train, sweet gas produced in the MEA system
is dried with molecular sieves and then sent to a cryogenic unit. Here
98.5 volume percent hydrogen is recovered. A portion of this hydrogen

stream is used to methanate residual carbon monoxide. Then the high purity °

hydrogen is fed tu the naphtha hydrotreater while the remainder of the

- hydrogen stream is recycled to the coal dissolving step. Methane-~rich gas
produced in the cryogenic unit is compressed, cooled to remove condensible
fractions, and then passed through a zinc oxide guard chamber to reduce

the hydrogen sulfide content. It is then processed in a final methanation
unit and sent to the SNG product line. Ethane and heavier fractions
produced in the cryogenic unit are fractionated to remove ethane and some
propane overhead which is mixed with final methanator product to produce
specification grade SNG, which is compressed to 1,000 psig for delivery.
Remaining propane and heavier material is separated into propane LPG as an
overhead product and a bottoms product. Bottoms are debutanized to produce
butane LPG as an overhead product, leaving pentane-and-heavier bottoms
which are fed to the naphtha hydrogenation unit. Butane LPG is hydrotreated
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and transferred to product storage.

The make-up hydrogen stream for the coal dissolving step is produced in a coal-
fed gasifier operated at about 1,000 psig. Significant methane is produced at
this pressure. The gasifier is a two-stage entrained slagging type. Solids
are removed from the gasifier effluent gas stream and the hydrogen-to-carbon
monoxide ratio adjusted in a sour shift conversion unit. The shifted gas is
Processed in a physical solvent acid gas removal system to produce a sweet

gas for feed to the dissolver section, a hydrogen sulfide-rich gas stream

for feed to the sulfur plant, and a carbon dioxide-rich vent gas stream.

The Rectisol process was used as a representative process.

A fuel gas gasifier system is included to generate the necessary steam and

power to operate the complex. This gasifier is fed by the dried dissolver

filter cake plus coal. The filter cake is previously dried to recover the

wash solvent as a saleable product. Fuel gas generated in the gasifier is

treated in an acid gas removal system to remove hydrogen sulfide and carbon
dioxide before passing to the power and steam generation section.

Power and Steam Generation

The in-plant produced fuel gas is used to produce electrical power in two
c&ndensing turbine generator units with three extraction points. Four steam
boilers are also included. The utility system is closely integrated with the
Process plant operation.

Material Balance

The overall material balance for the process plant is shown in Figure 4.
Material inputs consist of coal, water, and oxygen (from the air separatiomn
plant). The coal amounts to about 36,000 TPD. Saleable products, including
fuels, sulfur and ammonia, add to approximately 19,000 TPD.

Energy Balance

The energy balance is depicted in Figure 5. The projected thermal efficiency,
coal to saleable products, is about 77%.

FISCHER-TROPSCH

Design Criteria

Preliminary design criteria have been described.A Key elements of the
completed conceptual design are:

Plant Location Eastern Region of the U.S. Interior Coal Province.

Coal Source Illinois No. 6 seam coal produced in a captive
surface coal mine.

Capacity Approximately 40,000 TPD of ROM coal will be mined
and 30,000 TPD of cleaned, sized coal will be fed
to the process plant. The products will have an
energy value of approximately 525 billion Btu per
day consisting of 260 MMSCFD of SNG and approxi-
mately 50,000 BPD of liquid products which are
LPG's, light and heavy naphthas, dissel fuel,
fuel oil and oxygenates.
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Plant Availability 350 stream days per year; availability factor =
90.4%.

Characteristics Grass roots facility producing all utilities plus
oxygen and treating all effluent streams to meet
environmental standards.

Raw Material and Fourteen-day coal storage and 30day liquid

Products Storage product storage.

FAcility Description

The complex is depicted in the artist's conceptual drawing shown in Figure
6 and a photograph of model of the complex is presented in Figure 7. Land
area required for the complex, without the coal mine, is about 500 acres.

Plant population is about 2,100 people. Approximately 12,000 gallons per

minute (GPM) of water would be required.

Coal Mine

As in the 0il1/Gas design, a strip mine with an average overburden of 60 feet
and average seam thickness of 5 feet would produce the required 40,000 TPD

of ROM coal. The mine would consist of four integrated mining faces. The
primary separation and coal preparation units are similar to those previously
described for the 0il/Gas complex with the exception that the ground coal

has a smaller particle site; minus 20 mesh by 0 for Fischer-Tropsch vis-a-vis
5% plus 20 mesh, 25% minus 200 mesh for the 0il/Gas plant.

Process Plant

All of the feed coal is fed to two entrained slagging-type steam oxygen gasi-
fiers operated at approximately 470 psig. Gasifier effluent gas stream is
exhaustively cleaned to remove solid particles. The ratio of hydrogen to
carbon monoxide in the cleaned gas is increased by subjecting about 50% of
the gas stream to a shift conversion reaction; the H,/CO ratio is thereby
adjusted to the target value of 1.45. Shifted gas is then fed to an acid

gas removal unit where it is contacted with a physical solvent to remove

the hydrogen sulfide, carbon dioxide and organic sulfur compounds. The
Selexol process was used as a representative process for this design. The
absorbed acid gases are stripped for further processing; the hydrogen sulfide
is converted to saleable sulfur in the sulfur plant and the CO2 stream is
vented, Sulfur content of the cleaned syngas is reduced to about 0.1 part
per million, volume (ppmv).

Cleaned syngas is fed to the Fischer-Tropsch synthesis unit at about 400
psig and 570°F. 1t first passes through zinc oxide guard chambers to remove
trace quantities of sulfur compounds. Then it is processed in 18 parallel
synthesis reactors designed for isothermal operation. The reactors have
flame-sprayed iron catalyst deposited on the external surface of extended
surface heat exchangers. Reaction takes place on the shell side and 1,250
pPsig steam is generated on the tube side by the heat of reactlion. Shift and
methanation reactors have a similar geometrical design but differ in the
composition of the flame~sprayed catalyst.
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FiSCher—Tropsch reactor feeds contain a ratio of recycle to fresh feed of
approximately 1.4. Extensive heat exchange is used to maintain a high
plant thermal efficiency.

Fischer-Tropsch products go to a liquid product recovery unit to recover
light hydrocarbons from the Fischer-Tropsch gas and to fractionate the
liquids into the product streams.

Two gas streams are recovered and fed to the methanation unit which produces
SNG. One consists of a mixture of residual lean gas after absorption of the
C3*s in a presaturated lean oil stream and a CO-rich stripper overhead pro-
duct produced by stripping a lean oll fractionator overhead stream. This
mixed Stream is fed to the first methanation stage. It contains gases pro-
duced in the Fischer-Tropsch reactor, including methane and some C2's and
Ci's to increase the heating value of the SNG. An additional feed stream,
which goes to the second-stage methanator, consists of C3's and C,'s which
are produced in a depropanizer in the liquid product refining train; they
serve to increase the heating value of the SNG.

Fischer-Tropsch liquids are preheated and fed to a lean oil fractionator
where light ends are removed overhead for further processing and feed to the
methanator section as described previously. The bottoms are fed to the fuels
vacuum fractionator where the heavy naphtha, diesel 0il and heavy fuel oil
are produced. Naphtha is removed as an overhead product. Diesel oil is
withdrawn as a side stream and is steam-stripped to obtain the flash point
specification. Heavy fuel o0il is produced by steam stripping in the bottom
section of the fractionator, cooled, and sent to storage.

Light naptha is produced in a naphtha stabilizer fed by the bottoms from the
depropanizer. Cy LPG's are recovered as overhead from the stabilizer.

Oxygenate produced in the Fischer-Tropsch reactor, containing a high alcohol
content, are recovered and refined. Feed to the oxygenate recovery system
is produced in a water extraction of the Fischer-Tropsch liquids. This feed
is preheated and the oxygenates taken overhead from a fractionator with the
bottoms returned to the extraction system. A hot alcohol-salt solution,
produced by caustic neutralization of the Fischer-Tropsch reactor effluent to
destroy acids produced in the reaction, is stripped and the oxygenates
recovered as an overhead product are also fed to the oxygenate fractionator
previously discussed. The stripper bottoms are evaported to produce a con-
centrated salt solution for disposal and a consensate stream used as boiler
feed water.

Product SNG is produced in the methanation section. The primary feed is
sulfur-free stripped gas produced in the liquid product recovery section.
The methanation section consists of a first-stage recycle reaction unit
containing three methanators in parallel, and a second-stage one-pass
finishing reactor.

Feed gas to the first stage methantor is mixed with 1.25 parts of recycle gas,
preheated to about 570°F, and reacted at 380 psig in isothermal reactors of
design similar to those used for the Fischer-Tropsch reaction. A flame-
sprayed nickel catalyst is deposited on the outside surface of a finned tube
heat exchanger and the high heat of reaction removed by boiling dowthern in
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the tubes —- the hot dowthern in turn i1s used to generate 1,300 psig steam
for use in the plant utility system. Reaction conditions in the first~stage
methanator favor CO methanation to assure that the product SNG does not con-
tain more than 0.1 mol% CO. Product from this first-stage methanator is
cooled, condensate removed, and about three-fourths of the gas recycled with
the remainder going to the second-stage methanator which is an adiabatic
fixed-bed radial-flow reactor using a pelleted, reduced, nickle-type catalyst.
Here the CO2 is methanated; it will also methante CO if a breakthrough should
occur in the first stage. The CO2 content of the product SNG is maintalned
below 2.5%.

The product from the second-~stage methanator has a higher heating value of
about 910 Btu/SCF. This is combined with the vaporized mixed light hydro-
carbon stream produced in the liquid product recovery section and fed to a
hydrotreater for saturation of alkenes by the residual hydrogen in the
stream. The product SNG stream 1s cooled, condensate removed, compressed,
dried, and fed to the product pipeline at 1,000 psig.

POWER AND STEAM GENERATION

The process produces all gteam required for operations, heating, and power
generation. Therefore, conventional steam bollers are not provided for
normal operation. A start-up boiller is provided.

Electrical power is generated by four 120-megawatt extraction steam turbine
generators. These generators provide all power required for operation of
the complex plus approximately 140 MW for sale.

MATERIAL BALANCE

Overall material balance for the process units is presented in Figure 8.
Results indicate that approximately 13,000 tons per day of saleable fuel
products plus sulfur are produced from 30,000 tons per day of cleaned,
sized feed coal.

ENERGY BALANCE

Energy balance is summarized in Figure 9. Estimated thermal efficiency in
converting coal to saleable products is approximately 70%.

PRODUCT CHARACTERISTICS

Projected product characteristics for the Fischer-Tropsch and 011/Gas con-
ceptual designs are summarized in Table 1. These have been projected based
on review and analysis of product characteristics reported by process in-
vestigators for similar, but not identical, process conditions >  plus minor
adjustments to reported product characteristics using the characteristization
factor to assure consistency with the basic data. For more radical adjust-—
ments to reported product characteristics as a result of subsequent treatment,
for example, hydrogenation, reference was made to published work t  in this
area to establish change of characteristics resulting from treatment. There
are not yet reports of production-analysis-functional product testing of large
quantities of the naphtha, diesel fuel, and fuel oil streams. However, the
projection of these characteristics based on analysis of existing data and
comparison of expected values based on analogy to other coal-derived liquids
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and similar crude oil-based products provides a basis for projecting compara-
tive results for these two technologies and defining incentives for pilot
plant production to permit confirmation or modification of the projections.

The most significant differences are that the Fischer-Tropsch liquid pro-
ducts contain nil sulfur, nitrogen and particulate matter, and are composed
primarily of aliphatic compounds, while the 0il/Gas products contain sulfur,
nitrogen, and solids and consist primarily of aromatics. The Fischer-

Tropsch liquids therefore have higher potential for use as petrochemical
feedstocks and for fuel applications with stringent environmental restrictions.
011/Gas products show promise for us in gasoline manufacture and for selected
fuel applications. Additional comments will be presented later regarding
possible market values of these products.

FIXED CAPITAL INVESTMENTS

All economics are expressed in Fourth Quarter 1976 dollars.

The projected fixed capital investments (FCL) for the two conceptual complexes
are compared in Table II. The results indicate that the Fischer-Tropsch
complex would require a FCI of approximately 1.55 billion dollars to produce
about 85,000 barrels of fuel oil equivalent per day (BOE/D); the FCI per
BOE/D is therefore about $18,000. The 0il/Gas complex would require a FCI

of about $1.3 billion to produce approximately 110,000 BOE/D for a FCI ver
BOE/D of about $12,000.

A comparison of the relative costs of the separate sections of the complex
is shown in Table III. A significant contributor to the higher FCI per
BOE/D for the Fischer-Tropsch plant lies in the gasification section where
the cost of ‘the oxygen plants and gas cleanup are much higher. Note that
the FCI's for the conversion sections, per daily barrel of oil equivalent,
for the two complexes are about equal.

TOTAL CAPITAL INVESTMENTS

Total capital investments are presented in Table IV. Total capital
includes fixed capital investment, initial catalyst and chemicals, start-up
costs, construction financing, working capital, and land/rights of way.
Projected total capital requirements are 2.0 and 1.7 billion dollars for the
Fischer-Tropsch and 0il/Gas complexes, respectively. Example construction
financing costs are presented in each case.

Estimated time to mechanical completion was approximately 57 months in each
case. This included design, engineering, procurement and construction.

OPERATING COSTS

Projected annual operating costs for the complexes are given in Table V.
The operating costs include royalty allowance of $1.50 per ton of cleaned,
sized coal produced.

Projected annual operating costs are 205 million dollars for both the

Fischer-Tropsch and 0il/Gas complexes, respectively. For analytical purposes,
the complexes were divided into cost centers.
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REQUIRED PRODUCT SELLING PRICE

Average required product selling price was projected for three project

financial structures. In all cases, the project operating life was 20 years.

o 100% equity capital

o Borrowed capital: 657 of the total investment borrowed at 9%
interest, with the principal repaid in equal installments over
a 20-year project operating term; all working capital borrowed
at 9% interest for the 20-year term; a loan commitment fee of
0.75% on funds not drawn down during the construction period.

o A nonprofit (0% discounted cash flow rate of return) or break~
even boundary case.

A 12% discounted cash flow rate of return (DCF) was selected as a base case,
and the revenue required to achieve this DCF calculated for each financial
structure. Required average product selling price was then calculated
using the required revenue and the quantity of energy products produced.

Results are summarized in Table VI. Here we see that for the 65/35 debt/
equity financial structure, the projected average required product selling
prices, fourth quarter 1976 basis, (RPSP) are $2.55 and $1.95 per million
Btu's for the Fischer-Tropsch and 0il/Gas cases, respectively. The 100%
equity financing cases are about 30 percent higher in each case. The
breakeven cases are about $1.50 and $1.20 per million Btu's, respectively.

In dollars per barrel, the 65/35 debt/equity case RPSP's would be about
$15.25 and $12.00; this is based on an arbitrary 6 million Btu per barrel
reference value. A key factor in the economic projections is the inclusion
of large captive coal mines in the complexes.

SENSITIVITIES

Sensitivities of the average required product selling price to changes in
key economic parameters are shown in Table VII. The RPSP is most sensitive
to changes in fixed capital investment. To illustrate, for Fischer-Tropsch
a2 10% reduction in fixed capital investment would result in an 8.7% reduc-
tion in RPSP for the 100% equity case. The sensitivities to operating
costs are in the range of 15-20%.

Effect of variations in DCF on the RPSP is presented in Figure 10 for the
657% debt case. Sensitivity is greater for the 100% equity case, which is

not shown.

POSSIBLE PRODUCT MARKET VALUES

A brief assessment of possible product market values and the effect of the
resulting project revenues on profitability was completed. To obtain these
possible market values, the project characteristics of the products were
compared with those of conventional crude oil-based products. Discussions
were held with representatives of fuel producers and consumers and industry
reports were reviewed.
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Industry representatives strongly qualified their opinions on possible prices
by stating that laboratory and field product performance tests must be con-
ducted before firm dollar values could be assigned to the products.

With the above caveats clearly in mind, possible unit sales values and
annual revenues for a fourth quarter 1975 basis are presented in Table VIII
for Fischer-Tropsch and Table IX for 0il/Gas; these are taken from the
published reports. °’ The SNG sales value was based on value allowed for
sale of SNG produced commercially from naphtha, and possible values for SNG
from coal at that time. These possible sales values are presented to
illustrate the effect of product sales value on the economics and also to
perhaps stimulate further effort to establish firm product values and
marketability.

The Tables VIII and IX possible annual revenues were then updated to a
fourth quarter 1976 basis using Federal Energy Administration data which
indicated that fuel prices escalated approximately 9 percent from fourth
quarter 1975 to fourth quarter 1976.

Results of this second-order exploratory analysis indicate that possible
average annual revenues (Fourth Quarter 1976 dollars) are $730 and $560
million dollars for the Fischer-Tropsch- ind 0il/Gas cases, respectively.
Projected DCF's calculated using these revenues and the project structures
developed earlier are shown in Table X. To illustrate, for the 65/55 debt/
equity case, the projected DCF's for Fischer-~Tropsch and 0il/Gas are 27 and
20 percent, respectively. This result indicates the incentive for accurate
assessment of the marketability and profitability of synfuel products to be
produced in second generation coal conversion plants in the U.S.

ECONOMIC COMPARISON FOR LOW SULFUR CONTENT FUEL PRODUCTS.

Projected sulfur content of the 0il/Gas fuel oil is 0.45. A brief and very
preliminary analysis of the effect of further hydrotreating to reduce the
sulfur content on cost and product_composition was made; this is an extension
of the design previously reported. The result provides guidance regarding
the costs and implications of producing very low sulfur fuels from coal by
0il/Gas type technology for environmental reasons.

The data basis for predicting process and cost results for hydrotreating the
coal-derived liquids ig %i?%ted. However, some information is available to
guide the projections. *°°’

Preliminary process designs were developed for incremental hydrotreating

of the 0il/Gas fuel oil. Hydrotreating conditions were nominally 650°F and
2,500 psig with a nickel-molybenum type catalyst. A 6 months catalyst life
was assumed for the purpose of this preliminary assessment.

Projected product distribution as a function of fuel o0il sulfur content is
depicted in Figure 11. With decreasing sulfur content, the amount of fuel
0il decreases and the lighter products increase.

Figure 12 presents projections of hydrogen consumptions and Figure 13 shows

projected required average product selling price at 12% DCF, 65% debt as a
function of fuel oil sulfur content. Also shown on Figure 13 is the projected

29



RPSP for nil sulfur Fischer-Tropsch products. Results indicate that at about
98% sulfur reduction in 0il/Gas fuel oil, the required product selling prices
are approximately equal.

SUMMARY AND CONCLUSIONS

Conceptual designs'economic evaluations for two condidate second generation
coal conversion technologiles have been completed by the Ralph M. Parsons
Company. These are a suggested future version of a Fischer-Tropsch complex,
and an 0il/Gas Complex which uses SRC II technology. Each conceptual design
incorporated certain process and equipment concepts currently under develop-

ment. The designs are based on the presumption that these development programs

will be successful.

The conceptual complexes process 30,000-36,000 tons per day and produce
85,000-110,000 barrels per stream day of oil equivalent. Projected fixed
capital investments for the Fischer-Tropsch (F-T) and 0il/Gas (0/G) complexes
are 1.55 and 1.3 billion dollars, respectively; all economics are presented
in fourth quarter 1976 dollars., Unit fixed capital investments, expressed

as dollars per daily barrel oil equivalent (BOE/D) are about $18,000 and
$12,000, respectively.

Projected product characteristics from the complexes differ; Fischer-Tropsch
produces primarily aliphatic liquids and 011/Gas primarily aromatics.

Projected required selling prices to achieve a 127% DCF using a 657 debt, 9%
interest case are about $15.25 and $12.00 per equivalent barrel. A second
order assessment of possible product sales values has led to the conclusion
that DCF's of the order of 20% might be achleved; this is presented to
1llustrate the incentive to produce and test enough of the synfuels to
determine thelr market values.

Projections of possible costs for hydrotreating a 0.4% sulfur 0il/Gas fuel
0il to reduce its sulfur content have been presented. Results indicate that
reducing the sulfur content to 0.1% would add an incremental $500 million to
the fixed capital investment and reduce the quantity of fuel oil by about

6 percent while increasing the quantities of LPG's and naphtha. A further
result is a 15 percent increase in the average required product selling price
(RPSP). The average RPSP at this sulfur level is projected to be about 90%
of the nil sulfur F-T RPSP. At 98% sulfur reduction in 0il/Gas fuel oil, the
RPSP's are about equal. Limited information is available for this hydro-
treating step. An incentive exists to develop a firm basis for design and
prediction of economics.

Fischer-Tropsch and 011/Gas coal conversion technologies each offer different
advantages and potential problems to be overcome. They must be considered
candidates for any future synfuels—-from-coal programs.
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- SNG 3,940 TPD
COAL (2.7% MOISTURE)
35,670 TPD PROPANE LPG 530 TPD
-
BUTANE LPG 410 TPD
NAPHTHA 1,280 TPD
FUEL OIL 11,310 TPO
OXYGEN 4,500 TPD OIL/GAS SULFUR 1,250 TPD
o PROCESS
UNITS
AMMONIA 90 TPD
WATER 57,750 TPD
SLAG 4,210 TPD
WASTE GAS (CO,, et al.) 22,950 TPD
WATER LOSSES 51,950 TPD
ol

TOTAL IN = QUT 97.920 TPO
ALL FIGURES iN SHORT TONS

Figure 4 - Overall Material Balance
Qiil/Gas Plant
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CLEAN COAL

SNG

7258

PROCESS UNITS

PROPANE LPG
958

BUTANE LPG
721

OXYGEN PLANT

NAPHTHA
——eedp|  FUEL GAS PRGDUCTION
36,040

a
2288 7

FUELOIL
STEAM AND POWER —
GENERATION 283

SULFUR ,
a06

SULFUR REMOVAL

AMMONIA
7

ALL FIGURES ARE MM BTU/HR, HHV

q 4 1
THERMAL EFFICIENCY = 7,254 + 958+ 721+ ;62:204' 16,283 + 406 + 7

=77.6%

Figure 5 - Thermal Efficiency, Oil/Gas Plant
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COAL

AlIR

WATER

TOTAL

VENT GASES 128,655 TPD
30.000 TPD PRODUCTS 13.600 TPD >
: » - .
SNG 6,590 TPD .
Butanes 340 TPD
Naphthas 2,380 TPD
[43 Oxygenates 455 TPD
PROCESS Diesel Fuel 2,105 TPD
Premium
105,890 TPD Fuel Oif 715 TPD
Sulfur 1,015 TPD
UNITS
8,925 TPD
INTERNAL CONSUMPTION 210 TPD
2
Acids to
inplant Disposal 45 TPD
Miscellaneous 165 TPD
SLAG 2,350 TPD
144,815 TPD 144,815 TPD

Figure 8 - Overall Material Balance
Fischer-Tropsch Ptant



SNG

PROCESS UNITS

COAL PREPARATION

267.78

L1QUID PRODUCTS

SULFUR REMOVAL

AND COAL MINE 237.56
COAL
783
OXYGEN PLANT
SULFUR b
8.09

ALL FIGURES ARE MMM BTU/D, HHV

267.78 + 237.56 + 8.09 + 11.43

ELECTRICAL POWER FOR SALE b
11.43

=69.7%

THERMAL EFFICIENCY =

Figure 9 - Thermal Efficiency
Fischer-Tropsch Plant
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REQUIRED SELLING PRICE
(PERCENTAGE OF 12% DCF CASE)

150

100

o
o

6 12 18
DCF RATE OF RETURN (%)

Figure 10 - Sensitivity of Required Product
Selling Price to DCF, 65% Debt Case
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B/D — NAPHTHA OR LPG

P FUEL OIL _

20000 -
15,000 \
;k\_
—— | SNG
10,000 NAPHTHA ]
l
\\h\ﬂ"f LPG

\ —

M08~ —~— PROPANE LPG
0
0 0.1 0.2 0.3 0.4 05

SULFUR IN FUEL OWL (%)

Figure 11 - Projected Product Distribution
Product Yield vs. Fuel Oif Sulfur Content
Qil/Gas Plant
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HYDROGEN CONSUMPTION (SCF/Bbl 0.4% SULFUR FEED)

4,000

3,000

2,000

AN

1,000

\\

0.1 0.2 0.3 0.4 0.5

SULFUR IN FUEL OIL (%)

Figure 12 - Projected Hydrogen Consumption
Hydrogen Consumed vs. Fuel Oil Sulfur Content
Oil/Gas Plant
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Table I. Comparison of Projected Product Characteristics

Product

Projected Chqyacteristics

Fischer-Tropsch

0il/Gas

SNG

C3 LPG

Full Range Naphtha

Light Naphtha

Heavy Naphtha

Diesel Fuel

Fuel 0il

Pipeline Quality

Mixed Butane - Butylene
37 psia Vapor Pressure

Nil Sulfur
185°F ASTM EP
85.59API Gravity

Nil Sulfur
300°F ASTM EP
71.3 API Gravity

57°API Gravity

60 plus Cetane Number
Nil Sulfur, Nil
Nitrogen

41°API Gravity

Nil Sulfur

Higher Heating Value:
19,900 Btu/1b

Pipeline Quality

Propane
210 psia Vapor
Pressure

Mixed Propane-
Butane, 70 psia
Vapor Pressure

500 API Gravity
Cs to 380°F ASTM
EP High Naphthene

-8.2°API Gravity
0.4 wt % Sulfur
Higher Heating
Value: 17,200
Btu/1b

.‘
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Table II. Comparison of Fixed Capital Investments (FCI) for
Fischer-Tropsch and 0il/Gas Complexes
Barrels Fuel 0il Equivalent/Day (BPOE/D): F-T = 86,000
0/G = 110,000
Fischer-Tropsch 0il/Gas
Description $ Millions $ Millions
Mine and Coal Preparation
Mine 175.6 211.6
Coal Preparation 22.0 30.0
Coal Storage 11.2 13.0
Crushing and Drying 13.0 15.1
Subtotal 221.8 269.7
Conversion
Fischer-Tropsch Synthesis 204.6 -~
Oil Recovery and Fractionation 30.5 -
Chemical Recovery 15.9 --
Slurry and Dissolving -- 216.8
Filtration -- 42.0
Listillation -- 3.6
Dissolver Acid Gas Removal - 20.3
Subtotal 251.0 310.7
Process Gas Praduction
Gasification 37.3 45.4
Heat Rec. and Part. Removal 151.2 --
Acid Gas Renmoval 100.3 47.7
Shift 18.9 59.5
Power Generation 119.6 36.8
Subtotal 427.3
SNG Separation and Treatment
Methanation 60.6 0.5
SNG and LPG Treating - 18.3
Subtotal 60.6 48.9
Product Finishing
Suifur Plaant 22.1 15.4
Naphtha Hydrogenation .- 9.2
Subtotal 2.1 24.6
Utilities
Oxygen Plant 305.3 90.2
Instrument and Plant Air 3.6 2.4
Potable and Sanitary Water 0.4
Raw Nater System 23.8 --
Fuel Gas Gasify -- 71.2
Fuel Cas Acid Gas Removal -- 7.9
Raw Water Treatiny - 16.5
Subtotal 198.2
Enviromaental and Ceneral
Facilities
General Facilities 37.2
Water Reclaiming s
Effluent Water Trearing 5.5
Pzoduct Storage 3.2
Sour Water Stripping 5.9
Subtoral 84.1 30.8
Total Constructed Cost 1,420.0 1,172.3
Hone Office Costs 140.2 117.2
Sales Tax 28.1 23.5
Tortal Fixed Capital Iavestment (FCI) 1,570.3 lm
FC1/(BPOE/D) 18,250 11,950
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Table III. Comparison of Relative Fixed Capital Investments of
Fischer-Tropsch and 0il/Gas by Unit
Ratio of Fischer-Tropsch to 0il/Gas
Description Fixed Capital Investment FCI/BOE
Mining § Coal Preparation 0.82 1.05
Conversion 0.81 1.03
Process Gas Production 1.78 2.28
SNG Separatién § Treatment 1.24 1.58
Product Finishing 0.90 1.15
Utilities 1.69 2.16
Environmental § General Facilities 1.04 1.33
Total 1.19 1.53
Table IV. Comparison of Projected Total Capital Requirements for

Fischer-Tropsch and 0il/Gas Complexes

Fischer-Tropsch 0il/Gas Ratio
Item $ MM $ MM F-T - 0/6G
Fixed Capital Investment 1550 1300 1.19
Initial Catalyst § Chemicals 11 9 1.22
Start-Up Costs 110 86 1.28
Construction Financinga 212 188 1.13
Working Capital 113 107 1.06
Land, Rights of Way 1 _1 1.00
TOTAL 1997 1691 1.18
Say 2000 1700

a) Example:
case.

For 65/35 debt/equity, 9% interest, 0.

75% commitment fee
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Table V. Comparison of Projected Annual Operating Costs for
Fischer-Tropsch and 0il/Gas Complexes

Annual Operating Costs - $MM

Cost Center Fischer-Tropsch 0il/Gas
.

Coal Mine 84.5 104.2

Coal Prepartion 2.3 3.2

Process Plant 101.5 84.4

Power Plant 7.7 --

0ffsites 7.8 14.4

TOTAL 203.8 206.2

Say 205 205
Table VI. Comparison of Projected Average Required

Product Selling

Price at 12% DCF

Required Average Product Selling
Price in Dollars per Million BTU

Project Financial Ratio
Structure Fischer-Tropsch 0il/Gas F-T - 0/G
100% Equity 3.30 2.50 1.32
65/35 Debt/Equity 2.55 1.95 1.28
Breakeven 1.50 1.20 1.20
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Table VII.

Sensitivities of Average Required Product Selling

Price to Key Economic Parameters

Sensitivity of Average RPSD, %

Fischer-Tropsch 0il/Gas
Economic Parameter 100% Equity | 65% Debt | 100% Equity | 65% Debt
Fixed Capital Investment 87 81 82 78
Operating Costs 15 19 21 27
Run of Mine Coal Costs 21 25 30 34
Table VIII. Possible Product Sales Values for
Fischer-Tropsch Complex
Daily Possible Unit Sales |Annual Gross Revenue
Product Production Value in Dollars in § Million
SNG 260.0 MMscfd 4.25/Mcf 362.8
Liquids
C4s 3,535 BPD 12.00/bbl 14.0
Naphthas
Light 10,620 BPD 15.50/bbl 54.3
Heavy 9,555 BPD 17.00/bbl 53.6
Alcohols 3,910 BPD 25.00/bbl 32.3
Diesel Fuel 16,960 BPD 14.50/bbl 79.9
Premium Fuel 0il| 4,960 BPD 15.00/bbl 24.5
241.6
Power 3,352 MW/hr 0.03/kW-hr 33.2
Total Energy 651.6
Sulfur 1,015 Ton 60/ ton 20.1
Total 671.7
4th Qtr. 1975
Escalation 60.5
(9% from 4th
Qtr. 1975 to
4th Qtr. 1976)
Total
4th Qtr. 1976 732.2
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Table IX.

for 0il/Gas Complex

Possible Product Sales Values

Daily Possible Unit Sales | Annual Gross Revenue
Product Production Value in Dollars in § Million
SNG 170 MMscfd 4.25/Mcf 238.425
Propane 6,030 BPD 11.00/bbl 21.890
Butane 4,100 BPD 12.00/bbl 16.235
Naphthas 9,400 BPD 15.50/bbl 48.080
Fuel 0il 56,400 BPD 9.75/bbl 181.470
Total Energy 506.100
Sulfur 118 LT/D 60/ ton 2.335
Ammonia 90 ST/D 120/ton 5.565
Total
4th Qtr. 1975 514.000
Escalation 46.000
(9% from 4th
Qtr. 1975 to
4th Qtr. 1976)
Total 560.000
4th Qtr. 1976 =
Table X. DCF's for Possible Product Revenues
DCF
Project Financial
Structure Fischer-Tropsch 0il/Gas
100% Equity 17 13
65/35 Debt/Equity 27 20
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COSTS OF SOLIDS-LIQUIDS SEPARATION METHODS IN COAL LIQUEFACTION

Kenneth Migut and Stanley Kasper

Dravo Corporation
One Oliver Plaza
Pittsburgh, PA 15222

One of the major process steps in the conversion of coal to oil is the separation
of the residual char or ash from the product liquid. Internal studies by Dravo have
shown the cost of such separations to vary from 5 to 20% of the total produyct oil
cost, Estimates of cost of coal derived oil range from $15 to $25 per bbl and
upward providing a high incentive to recover a maximum of the oil associated with
solids. Furthermore, the solids content of the product oil must not exceed .1%

by weight if the oil is to be used as fuel so that the users can burn it without
installing precipitators on their flue gas stacks. Also, if the oils are to be hy-
drotreated, solids levels less than 0.1 percent are required since fines from cata-
lyst attrition would combine with residual solids and cause the final product to
exceed this residual solids specificaton(l). Because of this separation specifica-
tion, the severe operating conditions, and the propensity for plugging, coking, etc.,
the number of reliable process schemes is rather limited,

Dravo selected a typical liquefaction process, generally similar to Synthoil, and
examined a number of solids removal systems in an attempt to find a reliable, cost
effective scheme.

In the selected liquefaction process, part of the liquid product is recycled and

used to slurry the coal feed to the liquefaction reactor. This feed slurry can
utilize a recycle stream which has been treated to reduce its solids content from 12
to 6 weight percent. This is accomplished in a bank of hydroclones. The hydroclone
feed, at 400 psig and 560°F, is split into two streams - the overheads, which is re-—
cycled to the feed preparation system, and the bottoms, which exits at 15 weight per-
cent solids and 240 psig. This stream must now be treated further.

Several methods of secondary separation were investigated. Tests on hydroclones and
centrifuges have not demonstrated the required solids removal efficiencies. Precoat
filtration, on the other hand, has been successfully tested(z)._ The high rates ob-
tained when filtering the o0ils produced in this selected process, when compared to
SRC and COED filtration rate data, increases the attractiveness of filtration. This
high rate is due in part to the comparatively large amount of hydrogen consumed in
the liquefaction reactor, resulting in a lower viscosity of the product oil. A pre~
liminary screening indicated that filtration at these higher rates is comparable to
other separation methods on a capital cost basis(1). For these reasons, it was de-
cided to include pressure precoat filtration in the economic tradeoff analysis.

Secondary separation can also be carried out by feeding the hydroclone bottoms to
the base of the product fractionator. Proper baffling should produce a sufficient-
ly tortuous path to allow most of the solids to remain in the bottoms. This is not
unlike the oil absorption tests run on COED oils, in which the majority of the
solids carryover was removed in the first contact stage (bottoms), while the remain-
ing, lighter fractions were recovered relatively solids-free 3.

As mentioned earlier, economics dictate that essentially all the oil be recovered
from the sludge produced in the secondary separation step. The oil contained in the
sludge amounts to about 20% of the production rate. Some o0il diffuses into the ex-
traction solid (char) pores and remains there through capillary action. Solvent ex-
traction or heat treatment is required to recover this 0i1(4). Solvent extraction

is currently in the development stage and requires an extra separation step . Low
pressure fluid bed dryers similar tothose used in Project Gasoline were chosen as a
viable method of effecting complete separation. 0il loss by coking is estimated at
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4 percent of the oil fed to the dryer. The recovered char is pneumatically con-
veyed to a gasifier and used as hydrogen production feedstock.

Three alternate separation systems were decided on as a result of this initial
screening. Case 1 (Figure 1) employs a hydroclone-rotary pressure precoat filter-
fluid bed dryer solids separation sequence. The filter feed is at 200 psig and
500°F. In Case 2 (Figure 2), the filtering step is eliminated, increasing the cap-
acity of the fluid bed dryer equipment. 1In Case 3 (Figure 3), the hydroclone under-
flow is fed directly to the base of the fractiomator, which is baffled for the
removal of the solids with the bottoms. The final liquid-solids separation, as pre-
viously stated, is carried out in the fluid bed dryer section. To keep the cost
comparison on a consistent base, fractionation charges were included for all three
cases.

Solids separation costs for this 50,000 Bbl/day facility were calculated by the Dis-
counted Cash Flow method, using the following basis: 20-year project life, l6-year
sum-of-the-years-digits depreciation on total Plant Investment, 100 percent equity
capital, 12 percent DCF return rate, and 48 percent federal income tax rate .

In addition, the following unit costs were employed in determining the annual oper-
ating costs:

Low Pressure Steam $2.30/MM Btu

Medium Pressure Steam $2.50/MM Btu

Process Water $ .40/M Gal

Cooling Water $ .03/M Gal

Electric Power $ .025/KW/HR

Fuel Gas $3.50/MM Btu

Operating Labor $15,000/man/year

Maintenance Charges 3% of total installed cost for oil

absorption and fractionation areas
6% of total installed cost for hydro-
clone, fluid bed dryer, and drum
filter areas
The following results were obtained:

CASE T CASE 2 CASE 3
Installed Cost, $M
Hydroclone Area 16021 16021 16021
Drum Filter Area 25039 ——— ~—-
Fluid Bed Dryer Area 13002 39332 15665
0il Absorption Area 2321 5635 2702
Fractionation Area 12908 12908 13153
Total Installed Cost, $M 69291 73896 47541
Annual Operating Cost $M/yr 25100 43566 21718
Total Separation Charges, $/BBL 2.66 3.83 2.14

The results show Case 3 to be the least costly separations method. This seems
reasonable since two operations, secondary solids separatioh and fractionation,

are combined. Case 1 is somewhat more expensive, and would be more competitive if
a higher filtration rate could be obtained. Case 2, however, is much more costly
than either of the other alternates. This is mainly due to the higher capital costs
required in the Fluid Bed Dryer area and the accompanying large increase in fuel gas
usage.

In summary, the most economical of the liquid-solids separations methods analyzed
appears to be Case 3, the combined secondary separation-fractionation alternate.
Pilot tests would be recommended prior to including this system as part of a com-
mercial facility.
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OPERATING COST SUMMARY CASE T

CATALYSTS AND CHEMICALS - Filter Aid
UTILITIES ~ Steam

Process Water

Cooling Water

Electric Power

Fuel Gas
LABOR Operating

Maintenance

Supervision
ADMINISTRATION AND GENERAL OVERHEAD
SUPPLIES ~ Operating

Maintenance
LOCAL TAXES AND INSURANCE
TOTAL GROSS OPERATING COSTS
TOTAL NET OPERATING COSTS

OPERATING COST SUMMARY

UTILITIES - Steam
Process Water
Cooling Water
Electric Power
Fuel Gas
LABOR Operating
Maintenance
Supervisory
ADMINISTRATION AND GENERAL OVERHEAD
SUPPLIES - Operating
Maintenance
LOCAL TAXES AND INSURANCE
TOTAL GROSS OPERATING COSTS
TOTAL NET OPERATING COSTS

OPERATING COST SUMMARY

UTILITIES -.Steam

Process Water

Cooling Water

Electric Power

Fuel Gas
LABOR Operating
T Maintenance

Supervision
ADMINISTRATION AND GENERAL OVERHEAD

SUPPLIES Operating

Maintenance
LOCAL TAXES AND INSURANCE
TOTAL GROSS OPERATING COSTS
TOTAL NET OPERATING COSTS
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$M/YR

676
2,154
211
317
1,493
11,304
600
2,220
564
2,030
180
1,480
1,871
25,100
25,100

$M/YR

1,649
359
540

2,818

29,389
360

2,326
537

1,934

1,551

1,995
43,566
43,566

$M/YR
1,649
199
299

12,844
360
1,426
357
1,286

951
1,284
21,718
21,718



—O

SOLID-LIAuID
MIXTURE

12% wWT SOLIDS

HYDROCLONE

DRUM
FILTER

SOLID-LIQUID
MIXTURE

12% WT SOLIDS

FLUID BED
DRYER

FUEL GAS
Y >——————|
AIR

TO REACTOR SLURRY
PREPARATION
&% WT SOLIDS

oIL
ABSORBER

Tw
i

ABSORBING OIL
RECYCLE PUMP

LIGHT PRODUCT @

FRACTIONATOR

MIDDLE PRODUCT

iy
g

HEAVY PRODUCT

FRACTIONATOR
FEED PREHEATER

SOLIDS TO

FIG.1

TO REACTOR SLURRY
PREPARATION
6% WT SOLIDS

OIL

ABSORBER

HYDROCLONE

FLUID BED,
DRYER

FUEL GAS

ABSORBING DIL
RECYCLE PUMP

PRESSURE FILTRATION CASE I

GASIFIER @

LIGHT PRODUCT @

FRACTIONATOR

MIDDLE PRODUCT 6 )

STEAM "%

HEAVY PRODUCT H$

FIG.2 FLUID BED DRYER CASE I

54

SOLIDS TO GASIFIER
N

\

- -/ _-



- '
| 5>

o

\
# \
R .

L) |
v/ o

-\ ;-

SOLID-LIGUID

g; MIXTURE LIGHT PRODUCT
12% WT SOLIDS

PREPARATION

&% WT SOLIDS @

oIL
HYDROCLONE ABSORBER

FRACTIONATOR

MIDDLE €>
PRODUCT ABSORBING OIL

RECYCLE PUMP

HEAVY PRODUCT

FRACTIONATOR

FLUID BED
ED PREHI
FEE REHEATER YER

FUEL GAS
AIR

SOLIDS TO GASIFIER @

FIG.3 FRACTIONATION CASE IIr

REFERENCES

Lewton, L. C., "Evaluation of Filtration Equipment for Cresap Testing,"
July, 1975, ERDA, NTIS FE-1517-16, pp. 2-1, 3-1, 3-24.

Katz, Sidney, and Rodgers, B. R., "A Laboratory Evaluation of Preccat
Filtration Parameters for the Solvent Refined Coal Process,' Ind. Eng.
Chem., Process Des. Dev., Vol., 15, No. 3, 1976, pp. 407-410.

Scotti, L. J. Jones, J. F., et al., "Multi-Stage Fluidized-Bed Pyrolysis
of Coal at the Project COED Pilot Plant," 77th National Meeting, AIChE,
Pittsburgh, Pennsylvania, June 2-5, 1974.

Eddinger, R. T., Jones, J. F., et al., "Char Oil Energy Development,"
December 1975, OCR, PCR-469, p. 144,

Rodgers, B. R., "Use Solvent to Separate Micron-Sized Particles from
Liquid Streams,' Hydrocarbon Processing, May, 1976, pp. 191-194.

Skamser, Robert, ''Coal Gasification Commercial Concepts Gas Cost
Guidlines,”" ERDA, AGA, January, 1976, NTIS FE-1235-1.

"Preliminary Economic Analysis of SRC Liquid Fuels Process Producing

50,000 Barrels Per Day of Liquid Fuels From Two Coal Seams: Wyodak and
I1linois No.6"., Bureau of Mines, Morgantown, West Virginia, 1976.

55



REGIONAL AND FEEDSTOCK EFFECTS ON ECONOMICS OF
INTEGRATED COAL GASIFICATION/POWER PLANT SYSTEMS

Y. K. ABEN AND C. A. BOLEZ

Gilbert/Commonwealth
P. O. Box 1498
Reading, Pennsylvania 19603

INTRODUCTIiON

Coal's major role in alleviating our energy shortage depends on our ability to derive
clean fuels from it., Low and medium Btu gas from coal can be important industrial and
utility fuels. We are presenting the results of an investigation into how competitive
these coal derived fuels. are for power generation. Coal gasifiers integrated with
either combined cycle or conventional steam cycle power plants are compared with
conventional coal fired power plants with and without flue gas desulfurization (FGD).

The geographical areas selected for study purposes are two National Electric Reliability
Council (NERC) Regions-the Chicago area (MAIN Region) and the New England Area (NPCC
Region). In the MAIN region, the high sulfur coals studied were Illinois No. 6, an
eastern coal, and Rosebud, a western coal. The low sulfur coals studied were Stockton,
West Virginia, eastern coal and Wyodak western coal. The same coals were used for the
NPCC region except that Middle Kittanning coal was the representative high sulfur
eastern coal. The characteristics of coal selected are summarized in Table 1.(1)

BASIS OF POWER PLANT DESIGN

800 Mw is the base load unit size in this study. Capacity factor is 70%. Coal storage
and handling facilities provide capacity for 60 days onsite storage.

For a combined cycle base load unit, the study case plant contained four 200 Mw modules,
each consisting of a gas turbine, heat recovery boiler, steam turbine, and generator.

The fixed capital costs for all power plant configurations and fixed operating costs
for the two conventional power plant technologies are summarized in Table 2. The fixed

operating costs for the integrated cases are discussed in a separate section.

GASIFIER SELECTION

Selection Criteria

Although gasifiers differ in many ways, they are generally classified according to coal
flow within the reactor. In a fixed-bed gasifier, the steam required for grate cooling
and for preventing clinker formation is greater than the amount of steam required for
the gasification reaction, thereby lowering the overall thermal efficiency in
gasification. In addition, due to the large coal particle sizes and the moderate
temperature involved, the fixed-bed gasification rates are low, and solid residence
times of one to two hours are required. These gasifiers, however, have excellent
turndown capabilities.

in a fluidized bed, the upward flow of gas is at a velocity slightly above that required
to merely support the coal. The relatively short coal residence time (20 to 40 min.)
results in a lower operating efficiency than for the fixed bed. Increasing the thermal
efficiency requires increasing the coal residence time by using multistage beds to
obtain the countercurrent conditions.
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TABLE 1.

Proximate Analysis: %

High Sulfur Coal

Characteristics of Coals Selected

Low Sulfur Coal

Moisture
Volatile Matter
Fixed Carbon
Ash

Total

Ultimate Analysis: %

Hydrogen
Carbon
Nitrogen
Oxygen
Sulfur
Ash

Total

HHV, Btu/ib

Ash Fusibility, °F

Initial
Softening
Fluid

In an entrained bed, the raw coal fed into the unit is transported by the velocity of

IT1inois No. 6 Rosebud Mid-Kittaning Stockton Wyodak
9.7 9.8 3.3 3.0 29.5
36.6 35.2 30.1 34.9 30.1
42.2 46.7 57.5 54.3 33.9
11.5 8.3 9.1 7.8 6.5
100.0 100.0 100.0 100.0 100.0
5.3 5.2 5.2 5.2 7.3
63.4 60.8 75.3 75.4 45.7
1.4 0.9 1.3 1.4 1.1
13.9 22.8 6.9 9.6 39.0
4.5 2.0 2.2 0.6 0.4
11.5 8.3 9.1 7.8 6.5
100.0 100.0 100.0 100.0 100.0
11,605 10,379 13,282 13,084 8,167
2,330 2,010 2,020 2,910+ 2,163
2,430 2,060 2,080 2,910+ 2,223
2,590 2,110 2,210 2,910+ 2,250

the gas. The extent of coal conversion to gas is limited by the short solid residence

time of less than ten seconds.

to maintain high thermal efficiency, a multistage countercurrent unit is desired.

For application to power plants of both conventional and combined cycle type, a
gasification process with a high throughput and a high degree of reliability is
desirable. Gasifier turndown capability is of less importance for base load units.
a combined cycle, high pressure gasifiers are desirable, whereas low pressure gasifiers
are satisfactory for conventional cycles.

In order to achieve essentially complete conversion and

In

A review of gasifier specifications indicates that an entrained-bed gasifier meets the
criteria, 1.e., pressurized, single stage for combined cycle applications and low
pressure, two-stage for conventional cycle power plant applications.

57



A
o Y o P _ R A . ) - L L . ;
I . 7 - )
I . R L — L B . I L4 e ; s —-
p—— == — — — | — — - = = A - — -
| . ’ - k : . . y 4 L r ! \ ! ) . 2 8 ! d

S~

- - 1°12 212 - - 6°02 6°0¢ @94/M ¥N4INS HIIH

9 £'9 - - £'9 9 - = @94 0/h ¥n4INS MO
A/SWW 2 L1S0D ONILVYIdO Q3IXI4

§5°€82 §°€8¢ §5°€82 §°€82 L7082 L7082 L7082 /7082 *JA3 "ANOJ/M nlg MO
¥°082 ¥°082 ¥°08¢ ¥°08¢ 9°LL2 9°L[2 9" L2 9°LL2 “JAD "ANOJ/M nl9 QIW
L°622 L°62¢ L7622 L7622 b L22 AR~ vrL22 v lee *JAD "GW0I/M nig MO
L762¢ L7622 L°62¢ L7622 A2 v lee v Lz viee *JAD "GWOI/M n1g QW ©

- - - - [Yal

A4 87055

0°L¥S 8°LVS @94/M dN4INS H9IH
- 8'2el ¥ oz - -

@94 0/M ¥ndINS MOT
$WW  :1S0D TWLI4YD GIXId

1°LEF 92y

AYGOAM NOLXJ0LS  dnd3SOd ONINVLLIX AYQOAM  NOIMJ0LS  @nA3sod 9 °"ON

QI 111

%09 4N4INS _MOT 109 ¥N4InS HOIH 1¥00_dN47NS MOT _¥0D ¥N41NS HOIH
J3dN NIVW

LL6T AMYANYC  :SISvd
S1S00 9NILYYId0 ANV TVLIdYD Q3IXId INYTd YIMOd 40 AYVWWAS ‘¢ 318Vl



A

Fuel Characteristics

The different gasification processes produce variations in raw or clean gas composition.
However, for a given gasification process, experimental data using various coal feeds,
ranging from bituminous to lignite, indicate that the characteristics of clean or raw
gas composition are almost independent of types of coal employed. For example, the raw
gas composition from low pressure two~stage, oxygen-blown, entrained-bed gasifiers does
not vary greatly when fed with bituminous, subbituminous or lignite ). For the present
study, therefore, it is assumed that the product gas composition from a selected
gasifier is independent of the type of coal feed. Typical fuel characteristics for low
and medium Btu gas obtained from an entrained gasifier are presented in Table 3.

Process Description

Simplified block flow diagrams of the integrated gasification/conventional boiler and
combined cycle plants are shown in Figures 1 and 2, respectively. Since the entrained-
bed gasifier was selected for the applications of both power plant configurations, the
gasification process description presented is valid for both power plant applicationms.

In the entrained-bed gasifier, prepared, pulverized coal is fed to the gasifier along
with steam and oxygen/air. Low pressure steam for the gasifier reaction is produced in
the gasifier cooling jacket. Raw gas at 2700°F is usually water quenched and then
passed through a waste heat boiler. The gas is cooled in a venturi scrubbing system
and sent to a suitable desulfurization system. The clean product gas is then sent to
the fuel ports of the steam generator (boiler). A balanced-draft, tangentially-fired,
controlled circulation steam generator is used to burn the clean, low or medium Btu
gas.

For the combined cycle facility, compressed air and cleaned fuel gas are fired in the
combustion chamber of the gas turbine, The hot combustion gases are then expanded
through the turbine to generate electrical power. The exhaust from the gas turbine is
used further to generate high préssure steam in an unfired boiler before being sent to
the stack. The high pressure steam drives the steam turbine to generate additional
electric power.

BASIS OF INTEGRATED GASIFiER/POWER PLANT SYSTEM DESIGN

The performance of various gasifier and gasification system configurations as applied
to the production and utilization of low and medium Btu gas was evaluated by examining
the effect of gasification parameters on thermal efficiency for a given coal.
Subsequently, the effect of varying coal feed on thermal efficiency/performance was
estimated based on consideration of key constituents in the coal, i.e., moisture,
sulfur, oxygen, and ash.

Effect of Gasification Parameters on Thermal Efficiency

The gasification parameters affecting thermal efficiency are oxidizing medium (air
versus oxygen), pressure, and number of gasifier stages. A gasification system, which
utilizes relatively pure oxygen for partial combustion of the coal to supply heat for
the endothermic steam-carbon gasification reaction, usually has a higher thermal
efficiency than if air were the oxidant. For the pressure effect, as the operating
pressure increases, the driving force for the exothermic hydrogen-carbon reaction
reduces the amount of oxidation required, thereby increasing the heating value of the
gas produceéd and increasing the thermal efficiency. A two-stage, entrained-bed gasifier
can reduce thermal losses by gasifying char produced in the low temperature stage

(about 1800° F) in a high ‘temperature stage. The gas from the high temperature stage
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TABLE 3. TYPICAL FUEL CHARACTERISTICS FOR LOW AND MEDIUM-BTU GAS

Low-Btu Gas Medium-Btu Gas
Low Pressure Low Pressure Pressurized
Entrained Bed Entrained Bed Entrained Bed
Clean Gas Composition
% Dry)
co 22.24 52.73 29.54
H2 17.18 36.13 32.36
CO2 7.02 10.04 21.67
CH4 0.03 - 15,83
N2 53.53 1.10 0.60
Total 100.00 100.00 100.00
HHV: Btu/LB 120-130 280-290 358
Stoichiometry 1.05 3.03 4.02
Combustion Air,
Lb/LB Fuel

provides the heat for the coal feed stage. The two-stage, entrained-bed gasifier thus
avoids the high coal combustion requirement that a single-stage, entrained-bed gasifier
has (2700° to 3300° F).

Performance data for the gasification systems considered for power generation are
presented in Table 4. The tabulation represents a combination of published data and
engineering judgement applied in accordance with the effective system parameters
outlined above. The hot and cold gas efficiencies for low pressure, single-stage,
oxygen-blown, entrained-bed gasifiers( (Case 3) and the low pressure, two-stage, air-
blown, entrained-bed gasifier(a) (Case 4) were obtained from published data. The
efficiencies for Cases 1 and 2 were determined by taking into account pressure effects,
i.e., increase of the thermal efficiencies by 1% for high pressure operation.

For producing electricity, when gasifiers are integrated with either a conventional or
combined cycle power plant, the net station system efficiency is higher than the cold
low or medium Btu gas efficiency but lower than the hot gas efficiency. Auxiliary
power produced in the power plant and sensible heat recovered during the gas cleanup
can be used as a part of the gasification system energy requirement. In general,
integrating a gasification system with a power plant, will improve the efficiency of
heat recovery and provide opportunities to optimize the overall cycle.

Integration of gasifiers with the combined cycle plant provides higher gasifier system
efficiency than those with conventional power plants because of increased potential for
cycle optimization. Additionally, for integration with the same power plant
configuration, medium Btu gas provides a higher gasifier system efficiency than low Btu
gas.
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Case

Type
Gasifier
Oxidant

Coal Type
Gasifier Eff.

Hot Gas, % (
Cold Gas, %

Table 4.

)
b)

Gasif. System £ff.%(c)

Power Plant Eff.%(C)

Conventional

Cycle

Combined Cycle

Integrated Gasifier/
Power Plant Eff., % d)

(a)

% = HHV of gas @ gasifier exit temp. + sensible heat @ gasifier exit temp. X 100.°

Hot gas efficiency,

Thermal Efficiency Of Gasification Systems

Med.-Btu Low-Btu Med.-Btu Low-Btu
Integ. Integ. Inteq. Integ.
w/Base C.C. w/Base C.C. w/Conv. Base w/Conv. Base
1 2 3 4

Pressurized Pressurized L.P. L.P.
Entrained Entrained Entrained Entrained
Single Stage Two Stage Single Stage Two Stage
0, Air 0y Air

111. 6 Bit. Ky. Bit. I11. 6 Bit. Ky. Bit.
92 93 91 92

76 77 75 76

84.0 81.5 80.0 77.5

N/A N/A 36.0 36.0

38.5 38.5 N/A N/A

32.3 31.4 28.8 27.9

(b)Cold gas efficiency,

¢ = HHV of gas (after tar, o0il,- NH3, HpS have been removed) X 100.

HHV of coal fed to gasifier

(c)

HHV of coal fed to gasifier

GAI estimate.

(d)Product of gasifier system efficiency and power plant efficiency.
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In determining overall plant efficiencies for all the integrated cases, power plant
efficiencies of 36.0% and 38.5% were used for conventional and combined cycle power
plants, respectively,

Effect of Coal Feed on Thermal Efficiency

In order to facilitate an economic evaluation of alternatives, it was necessary to
determine the effect of coal feed variation on the thermal efficiencies of the
gasification systems and overall plants.

The key constituents of coal, which were considered in estimating the thermal
efficiencies of a given process when fed with alternative coals, are moisture, sulfur,
oxygen and ash.

a. Moisture - Coal must be dry to about 3% moisture. The effect of moisture
on gasifier system efficiency was determined by using a heat requirement
of 1,000 Btu per pound of moisture.

b. Sulfur - The gasifier system efficiency increases with decreasing sulfur
content of coal. The effect of sulfur on efficiency was estimated by
using the heating value of elemental sulfur.

c. Oxygen - Highly reactive coals can be gasified at relatively lower temperatures
than coals of low oxygen content. The low gasifier temperature requires less
carbon combustion and increases thermal efficiency.

d. Ash - As the ash content of coal increases, the amount of energy required in the
coal preparation section for the dryer and pulverizer increases. Additionally,
the energy losses in the gasifier system also increase with increasing ash content
because increased power is required to feed the coal and some sensible heat is
lost with ash leaving the gasifier.

The overall effect on thermal efficiency of these coal constituents was established for
each coal in the study as a variance from the efficiency of thé base coal. Typical
results for variations in the gasifier system efficiencies from the based coal are
summarized in Table 5.

ECONOMICS OF INTEGRATED SYSTEMS

Fixed Capital and Operating Costs

The base, fixed capital costs for all four integrated cases were estimated by adjusting
published data to establish compatibility between the performance as proposed in

the reference and that required to produce a desired fuel. The base, fixed operation
and maintenance labor cost was estimated from a Combustion Engineering study . The
published data was adjusted using a power factor on electric generation capacity from

a Fluor-Utah study 6). The estimated base, fixed capital and operating costs are
summarized in Table 6.

After the fixed capital and operating costs of each gasification system for base coals
were established, the costs of each system when fed with alternative coals were
determined using the calculated coal fuel rates, regional factors, and the scale
factors required to adjust each cost element to compensate for the alternate coal feed.
The fixed capital and operating costs for all cases considered are tabulated in Table 7.
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Medium-Btu Gas
Integrated With
Combined Cycle

Low-Btu Gas
Integrated With
Combined Cycle

Medium-Btu Gas
Integrated With
Conventional Cycle

Low-Btu Gas
Integrated With
Conventional Cycle

TABLE 5.

GASIFICATION SYSTEM

EFFICIENCIES FOR ALTERNATIVE COALS

BASE ILLINOIS MIDDLE

COAL NO. 6 ROSEBUD KITTANING STOCKTON WYODAK

84.0 84.0 84.0 88.0 90.0 84.0
(I1linois 6)

81.5 81.5 83.5 85.5 87.5 81.5
(Kentucky 9)

80.0 80.0 82.0 84.0 86.0 80.0
(ITlinois 6)

77.5 77.5 79.5 81.5 83.5 77.5
(Kentucky 9)
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TABLE 8. Financial Parameters Used to
Develop Power Generation Cost

Plant Life 20 Years
Depreciation (Based on Total Capital 5%/Year Straight Line
Less Working Capital)
Fraction Debt 0.75
Return on Equity 15%/Year
Interest on Debt 12%/Year
Load Factor 70%
Working Capital Coal Inventory for 60 Days

and 1% of Fixed Capital Cost

Interest During Construction Interest on Debt x Total
: Fixed Capital x 2

Federal Income Tax Rate 48%

Development of Power Generation Cost

The fixed capital and operating costs summarized in Tables 2 and 7 were used to develop
power generation cost; the utility financing method was used with the financial
parameters summarized in Table 8. The power generation costs calculated are summarized
in Table 9 together with the delivered coal cost.

CONCLUSIONS

Referring to Table 9, the following conclusions were observed:

L.

The western coals (both high and low sulfur) in the load center sites of the
NPCC region are not competitive with eastern coals, whereas the western
coals are competitive with the eastern coals in the MAIN region.

In the MAIN region, both eastern and western high sulfur coals are competitive
with low sulfur coals. In the NPCC region, however, the eastern high sulfur
coal appears to be more attrative than the eastern low sulfur coals.

integrated conventional plants in both regions for all coals are not competitive

with the two conventional power plants using high sulfur coal with FGD and low
sulfur without FGD.

Integrated combined cycle plants using the eastern high sulfur coal in the NPCC
region are more attractive than the two conventiomal power plants.

in the MAIN region, the integrated combined cycle plants are either better than

or comparable to the high sulfur coal fired plants with FGD, whereas they are
not competitive with the low sulfur coal fired plants without FGD.
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All observations were based on the fixed delivered coal cost. 1In order to determine
coal cost situations where the integrated combined cycle plants in the MAIN region
would be competitive with low sulfur conventional coal fired plants without FGD, the
sensitivity of the integrated of the plant generation cost to coal cost is analyzed, as
shown in Figure 3. The lowest power generation cost in the main region was 2.75l¢ per
kilowatt hour for Wyodak coal without FGD. Figure 3 indicates that for medium Btu gas
integrated with a combined cycle power plant, the delivered coal prices would have to
be $15.00, $12.50 & $25.00 per ton of Illinois No. 6, Rosebud, and Stockton coals
respectively to be competitive with the Wyodak coal fired without FGD. The study was
intended solely to demonstrate how the selection of coal feedstocks and regions effect
the power generation costs for various configurations.
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HIGH- AND LOW-Btu GAS FROM MONTANA
SUBBLITUMINOUS COAL

J. L. Arora
K. B. Burnham
C. L. Tsaros

Institute of Gas Technology
Chicago, Illinois 60616
U.S.A,

INTRODUCTION

Two coal gasification processes are under development at IGT. Theg HYGAS

Process has been developed for high-Btu gas (SNG) from coal; the U-GAS  Process,

a much simpler system, has been developed for low-Btu gas. This paper describes
the application of these gasifiers for different objectives and compares process
and economic characteristics. HYGAS and U-GAS reactor systems are compared for the
manufacture of pipeline gas, and the U-GAS Process is analyzed as an advantageous
source of low-Btu gas. Three process designs and their economics for manufacturing
a nominal amount of 240 billion Btu/day of product gas are discussed. The designs
are based on the conversion of Montana subbituminous coal, whose analysis is given
in Table 1. Because the coal is nonagglomerating, pretreatment is not required.

Table 1. MONTANA SUBBITUMINOUS COAL

Proximate Analysis Weight Pergent
Moisture 22,0
Volatile Matter 29.4
Fixed Carbon 42,6
Ash 6.0

Total 100.0

Ultimate Analysis (Dry)

Carbon 67.70

Hydrogen 4.61
Nitrogen 0.85
Oxygen 18,46
Sulfur 0.66
Ash 7.72
Total 100.00

Dry Heating Value, Btu/lb 11,290
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PROCESS DESIGNS FOR PIPELINE GAS (HIGH-Btu GAS)

Two process designs for the manufacture of 242 billion Btu/day of SNG at 1000
psig from coal have been made: one hased on the HYGAS Process and a similar design
utilizing the U-GAS Process. The capacity was set by an existing design based on
the HYGAS Process. A comparison of the two processes will show any economic benefit
derived from the use of the more complex and costly HYGAS reactor in contrast to the
simpler U-GAS reactor in the manufacture of pipeline gas from coal.

Comparison of the HYGAS and U-GAS Reactors

The HYGAS reactor (hydrogasifier) is designed to maximize direct methane for-
mation by the reaction

Coal + 2H, — CH

) 1

4
This reaction supplies heat for the endothermic reaction also occurring in the
hydrogasifier:

Coal + H,0 = CO + H,. 2)
High pressure in the reactor, 1165 psig in this design, favors the formation of
methane.

Process coal at a rate of 15,996 tons/day is dried to 10% moisture and simul-
taneously ground to below 8 mesh with a maximum of 15% below 100 mesh. The pre-
pared coal is pneumatically conveyed to the slurry preparation section, and a 50%
water slurry is pumped to the hydrogasifier. A fluidized-bed dryer is located at
the top of the vessel, where the slurry water is vaporized in contact with the hot
reactor effluent gases.

The reactor coal feed passes through three zones of conversion: 1) a low-
temperature (1000°F) transport reactor, where the coal is devolatilized and rapid-
rate conversion to methane enriches the product gas; 2) the main fluidized bed at
1700°F, where most of the methane is formed; and 3) the steam—oxygen gasification
zone at 1850°F, where synthesis gas is generated from the hydrogasifier char
according to the endothermic steam decomposition reaction

Char + H20 -~ COo + HZ' 3)
Heat is supplied by partial combustion of the char with oxygen:

c+0_ - COo,. 4
2 2 )
Further generation of hydrogen occurs in zone 2, where the exothermic methane for-
mation reaction supplies heat for the steam decomposition reaction (Reactions 1

and 2).

The U-GAS reactor is a single-stage fluidized-bed gasifier operating at 1900°F
and 335 psig. The reactor is not primarily designed to make methane. To promote
methane formation, where SNG is the desired end product, 18,400 tons/day of coal is
fed into the upper portion of the gasifier onto the fluidized bed. The countercur-
rent flow of hot gases and coal devolatilizes the coal, and some methane is formed,
Reactions 2 and 4 are the major reactions taking place in this system. A lockhopper
coal feed system, which is used commercially at this relatively low pressure level,
is used to feed the coal. Further operating details of the U-GAS system are dis-
cussed in the section on low-Btu gas.
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Raw gas compositions from the two reactors are compared in Table 2. The total
moles per hour is the requirement for 242 billion Btu/day of product gas.

Table 2. COMPOSITION OF RAW GAS FROM GASIFIERS

HYGAS
Hydrogasifier U-GAS
Effluent Raw Gas

mol %

co 20.13 34,18
002 18.65 13.30
HZ 23,68 29.52
HZO 22,68 17.44
CH4 12.86 4,84
CZH6 0.99 -
NH3 0.34 -
HZS 0.19 0.20
N2 + Ar 0.18 0.52
B-T-X 0.30 -
100.00 100.00
Total mol/hr 103,288 126,576

In addition to coal raw material, generation of these gases requires steam and
oxygen. The HYGAS reactor requires 1,003,130 1b/hr of steam at 1200 psig and
1050°F, plus 2999 tons/day of 98% oxygen. The U-GAS reactor requires 670,320 1lb/hr
of steam at 385 psig and 800°F, plus 7986 tons/day of oxygen.

The Manufacture of Pipeline Gas

The raw gases from both reactors require upgrading to pipeline-gas quality.
For the HYGAS plant, the required steps are shown in the flow diagram of Figure 1,
and the compositions of the process flow streams are given in Table 3. Figure 2 and
Table 4 give similar information for the U-GAS plant.

SNG by HYGAS

The effluent gas is cooled by waste heat recovery and cleaned in a venturi
scrubber to remove small particles carried over from the hydrogasifier. The gas is
sent to a CO conversion reactor where the H, /CO ratio is raised to 3.2 or 3.3 in
preparation for methanation. The catalyst Is an oil- and sulfur-resistant, high-
temperature CO conversion catalyst. Steam for this reaction is supplied by vapor-
ized slurry feedwater present in the raw gas.

The B-T-X formed in the hydrogasifier is recovered as a valuable by-product
after CO conversion. 0il scrubbing and activated carbon are used for this operation.
Large amounts of CO, and H_S must be removed from the gas during the upgrading to
pipeline gas quality. Thi§ is done by hot carbonate scrubbing; acid gases leaving
this section are sent to a Stretford unit for sulfur recovery. Final traces of
HZS are removed by activated carbon and zinc oxide beds.
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The purified gas is methanated in a fixed-bed reactor where essentially all the
CO and some of the CO2 are converted by the following reactions:

co + 3H2 CH4 + H,0 5)

0, + 4H, =~ CH, + 2H,0. 6)
Temperature is controlled by recycling the product so as to dilute the CO content
in the feed mixtures to the four reactor stages to about 4%, This limits the maxi-
mum catalyst bed temperature to 900°F. A product gas of 961 Btu/SCF HHV leaves the
plant at 1000 psig.

Water condensate from CO conversion effluent goes through oil-water separation
and a Chevron waste-water treatment process. Stripped gases go to an ammonia re-
covery section where 69 short tons/day are recovered as by-product. Acid gases are
combined with those from the hot carbonate section and sent to the Stretford unit.
The by-product sulfur is 65.3 long tons/day. Total by-product B-T-X recovery is
84,144 gal/day.

SNG by U-GAS

The flow diagram for this process (Figure 2) shows major steps similar to those
for the HYGAS Process. However, there are several important differences.
o
1. Because of the much lower operating pressure, the U-GAS system uses lockhoppers
to feed the dried, ground coal to the reactor instead of slurry feed.

2. We have assumed that ammonia is mot formed, and since the U-GAS reactor does
not make B-T-X, recovery systems for these materials are not required.

3. The steam for CO conversion is generated by adiabatic humidification of the
hot (1700°F) raw gas in the venturi scrubber, recovering heat in cooling to
380°F.

4, Because of the lower gasifier pressure compared with HYGAS (335 vs. 1165 psig)
subsequent compression to 450 psig before acid-gas removal and final product

compression to 1000 psig are required.

Comparison of HYGAS and U-GAS Processes for the Manufacture of Pipeline Gas

Gasifier and process parameters, process energy balances, and efficiencies for
the manufacture of pipeline-quality gas by the HYGAS and U~GAS Processes are shown
in Tables 5, 6, and 7. The utility requirements for each process design were esti-
mated, and complete energy balances were made. Both plants have coal-fired boilers
for steam and power generation,

The gasifier feed quantities are presented in Table 5. The U-GAS reactor con-
sumes about 15% more coal than the HYGAS reactor at equal carbon conversions of
98%. However, the steam requirement for U-GAS is about 67% of that for HYGAS; this
is because the U-GAS reactor operates at 1900°F and HYGAS has reaction zones at 1000°,
1700°, and 1850°F, so the reaction rates are higher. The most significant differ-
ence in gasifier feeds is in the amount of oxygen. The U-GAS reactor requires
7986 tons/day of oxygen, which is about 2.7 times as much as required by the HYGAS
reactor. The proportionately larger U-GAS oxygen plant is one of the major factors
contributing to the greater utility requirements and highexr costs for U-GAS as com-
pared with HYGAS.

Table 6 is a comparison of important process quantities for each design. The
HYGAS reactor operates at over 1000 psig as compared with the 335 psig operating
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Table 6. COMPARISON OF PROCESS QUANTITIES FOR MANUFACTURING

NOMINAL 240 X 109 Btu/DAY HIGH- AND LOW-Btu GAS

FROM MONTANA SUBBITUMINOUS COAL

High-Btu Gas

— HYGAS U-GAS
. Gasifier Pressure, psig 1,165 335
Gasifier Temperature, °F 1,000-1,850 1,700-1,900
. CH[, in Gasifier Effluent, mol/hr 13,288 6,121
R Percent of Product Methane
Made in Gasifier 51 24
’. C2H6 in Gasifier Effluent, mol/hr 1,020 -
A CO + H, in Gasifier Effluent,
mo1 /Br . 45,248 80,635
q CO Shifted, mol/hr 10,246 24,063
. CO2 + HZS + COS Removal, mol/hr 26,723 40,258
CH, Made in Methanator, mol/hr 12,685 19,710
e Total CH4 in Product Gas, mol/hr 25,863 25,823
. , Plant Power Required, kW 101,814 238,172
Plant Electric Motors, kW 46,602 52,523
— Plant Steam or Expansion Turbine
. Drives, equivalent kW 55,212 185,649
o Process Cooling Water, gzpm 36,610 82,662
— Turbine Driver Condenser Cooling
. Water, gpm 29,090 113,305
) Power Plant Cooling Water, gpm 31, 810 31,265
Plant Raw Water Required, gpm 4,275 8,223
‘. Product Gas Heating Value,
g 109 Btu/day 241.5 242.
Product Gas Heating Value,
Btu/SCF 961 937

r.s

Methanation unnecessary for low-Btu gas.

r.< .
—

Expansion turbine.

P-‘ N r-‘ III -~ »I.
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Low-Btu Gas

U-GAS

335
1,700-1,900
5,038

100*

66,363

3,477

4,931
138,107
53,196

4,374"

44,572

31,225
3,115

238.8

320

Ol
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pressure for the U-GAS reactor. Because of the higher operating pressure and the
multistage hydrogasification reaction, HYGAS produces more methane in the reactor:
13,288 mol/hr of CH, and 1,020 mol/hr of ethane as compared with 6,121 mol/hr of
methane for U~GAS, "The amount of methane in the product gas is about the same
(25,800 mol/hr) for both designs. However, the U-GAS reactor makes only 24% of this
total as compared with 51% by the HYGAS reactor. To achieve the same total plant
output of methane, a U-GAS system requires more synthesis gas, hence more oxygen,
and bigger CO shift, acid-gas removal, and methanation sections. The comparable
quantities of CO shifted, acid-gas removed, and methane made in the methanator for
both the HYGAS and U-GAS designs are shown in Table 6.

Table 6 also indicates the substantially higher power, cooling water, and raw
water requirements for the U-GAS design due to the higher oxygen usage and to the
power requirement for product gas compression to 1000 psig.

Table 7 presents a comparison of overall energy balances and process effici~
encies. SNG via the U-GAS Process requires about 20% more plant coal, and the coal-
to-pipeline gas efficiency is 58.2% versus 70% for the HYGAS system. In addition,
HYGAS has 4.0% of the feed coal HHV converted to by-products, whereas the U-GAS
system has only 0.2% converted, raising the HYGAS plant efficiency. The U-GAS
system has considerably more heat dissipated to cooling media: 5504 vs., 2471
million Btu/hr, or 31.8% vs. 17.2% of plant coal feed. The HYGAS system heat loss
to cooling water is less than half that for the U-GAS system. This is primarily
due to the very large difference in the amount of cooling necessary for the con-
densers on the plant turbine drivers, 84,215 gpm. The difference in process cooling,
while significant, is relatively minor by comparison. Overall efficiencies (coal to
all products) are 74.0% for HYGAS and 58.47% for U-GAS.

LOW-Btu GAS BY THE U-GAS PROCESS

4.\ r-ﬂ rli I\ r-s r-I I\ 'I I — - i

r. -

Figure 3 shows the flow diagram for producing low-Btu gas by the U-GAS Process,
an appropriate application for this process, and the process flow streams are given
in Table 8. The results are more favorable than in the SNG application and are
shown in Tables 5, 6, and 7. To put this plant on a comparable basis with the other.
plants in this study, the same product fuel value output rate was used for all three.
When making low~Btu instead of high-Btu gas with the U-GAS reactor, the process coal
feed is reduced to 15,193 tons/day of Montana subbituminous coal, and the plant
produces 239 billion Btu/day of 320 Btu/SCF fuel gas.

For the low-Btu U-GAS reactor process, coal is dried to 10% moisture and ground
to 1/4 in. X 0. Lockhoppers introduce the coal to the gasifier., Simultaneous with
gasification, ash is removed from the fluidized bed by an ash-agglomerating tech-
nique, and fines elutriated from the bed returned through cyclones. The gasifier
requires 551,724 lb/hr of steam and 6,573 tons/day of oxygen. Raw gas is cooled to
315°F in a waste heat boiler and is water-scrubbed in a venturi scrubber for dust
removal.

Some adiabatic humidification occurs in the scrubber that cools the gas to
293°F, Prior to H,S removal, the gas is cooled to 100°F, and the condensed water is
sent to waste-water treating facilities and used as cooling tower makeup.

The hydrogen sulfide in the raw gas is removed by the Selexol Process. Besides
hydrogen sulfide, a small amount of carbonyl sulfide is produced in the gasifier,
and this compound is also partly removed by the Selexol Process. The total sulfur
present in the clean gas is reduced to about 70 ppm. Together with hydrogen sulfide,
the process removes about 247% of the carbon dioxide present in the raw gas. The
H_S-CO, mixture from the Selexol unit is sent to a Stretford unit where 68 long tons/
day of“sulfur is recovered. The clean desulfurized gas from the Selexol absorber
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is heated to 700°F and then expanded in a power recovery turbine. Most of this energy
(108,000 hp) is used to drive the oxygen plant air compressors, which are coupled to
the expander shaft; also, 5,866 kW of electricity is generated and used to drive plant
motors. The expanded gas is cooled to 100°F and sent to boilers.

COMPARISON OF HIGH-Btu (HYGAS) AND LOW-Btu (U-GAS) PROCESSES

Both the HYGAS and the U-GAS Processes provide alternative energy sources
through coal conversion techniques. The process differences result because each is
specifically designed for the form of energy product desired. The SNG from HYGAS is
for the higher valued pipeline gas, while the low-Btu gas from U-GAS is designed fof
use as industrial boiler fuel for process steam generation or for combined gas turbine-
steam turbine power cycles.

The U-GAS system is simpler than the HYGAS system because it requires no equip-
ment to produce methane or remove liquid hydrocarbons. For example, the U-GAS Process
does not require CO conversion, benzene recovery, methanation, or CO_ removal (the
HYGAS Process uses the hot carbonate system, which removes COZ’ and %he U-GAS Process
uses Selexol, which minimizes CO2 removal).

The gasifier inputs, process quantities, energy balances, and process effici-
encies are presented in Tables 5, 6, and 7 for the high- and low-Btu gas processes,
Both plants have boilers for steam and/or power generation.

Table 5 presents coal, gasifier steam, and oxygen requirements. The HYGAS re-
actor requires 5% more coal than the U-GAS reactor, but the total coal needed, in-
cluding fuel coal, is 16% more for the HYGAS Process. Fuel coal for U-GAS is less
than half that for HYGAS because of the large amount of power recovered by expanding
the product gas down to 10 psig. The U~GAS oxygen requirement is 6,573 tons/day,
which is over twice the HYGAS requirement. This disadvantage in oxygen plant costs
and utilities is more than compensated for by the much simpler product upgrading
when making low~Btu gas. The HYGAS reactor requires 80% more steam than the U-GAS
reactor, and HYGAS also requires about 960,000 1b/hr of CO-shift steam.

In Table 6 process quantities for the two processes are compared, Plant power
required is about 38% more for the U-GAS system because of the larger oxygen plant.
The HYGAS total cooling water requirement.is about 29% more than for U-GAS and the
raw water requirement for HYGAS is 37% more than for U-GAS. Acld-gas removal for
HYGAS is 26,723 mol/hr and only 3,477 mol/hr for U-GAS. The overall plant efficiency
for low-Btu gas is 80.8% compared with 74% for the high-Btu gas (HYGAS) (Table 7).

COMPARTSON OF PROCESS ECONOMICS FOR _COAL TO HIGH- AND LOW-Btu GAS USING
HYGAS AND U-GAS PROCESSES

Capital and annual operating costs for high- and low~Btu gas processes are esti-
mated on a comparable basis in mid-1976 dollars and are given in Tables 9 and 190.
These costs do not include stack-gas cleanup because sulfur in the Montana coal is
low enough to meet the emission specifications of 1.2 1b SO, /million Btu of solid
fuel burned. If the standards change in the future, stack-gas cleanup may be re-
quired, The annual operating costs and returns on investment are based on the utility
financing method of the Supply-Technical Advisory Task Force — Synthetic Gas-Coal
for the FPC National Gas Survey. The basic assumptions of this method are given in
Table 11.
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Table 9. SAPITAL INVESTMENT SUMMARY FOR NOMINAL
© 240 X 107 Btu/DAY HIGH- AND LOW-Btu GAS FROM
MONTANA SUBBITUMINOUS COAL
(Mid-1976 Costs)

-

High-Btu Gas Low-Btu Gas
HYGAS U-GAS U-GAS .‘
: 6
Section $10 4
Coal Storage - Reclaiming 5.0 6.0 4.3 N
Coal Grinding and Drying 13.7 14.3 11.8 .
Coal-Water Slurry Feed System /]

(Lock Hoppers for U-GAS) 11.1 4.0 3.3
Slurry Feed Preheat (Fired Heater) 4.5 ~— - N
Casifiers 43.0 22.3 18.4 .
Char Residue and Plant Ash Disposal 2.4 2.8 2.3 A
Gasifier Effluent Dust Removal System 3.8 4.5 4.0
Carbon Monoxide Conversion 11.2 10.0 -
Benzene Recovery 5.6 -— - '
Prepurification (Hot K;CO3, Bulk, .
Activated Carbon, Zinc Oxide — ?
Selexol for U-GAS Low-Btu Gas Case) 46.6 50.6 19.6
SYN Gas Compressors or Expander - 12.0 13.7*% N
Methanation, Drying, and Product .
Gas Compression 15.2 37.3 -- : ]
Process Waste-Heat Recovery 14.2 . 5.1 15.7
High~Pressure Oxygen Supply 45.0 109.0 89.6
Process and Turbine Steam Generation 69.1 84.6 28.4 i
Turbogenerator 7.7 7.4 7.6 )
Electric Power Distribution 7.7 8.7 9.5
Cooling and Plant Makeup Water 4.9 8.5 3.1
Sulfur Recovery — Stretford 16.0 19.0 16.8 \
Waste-Water Treatment 13.1 3.0 6.5 .
Particulate~Emission Control 3.8 4.5 3.2 4
Miscellaneous 17.2 20.7 12.9
General Facilities 43.3 47.7 32.5 N
Installed Plant Cost, .
Excluding Contingencies 404.1 482.0 . 303.2 3
Contingencies at 15% 60.6 72.3 45.5
Total Bare Cost 464.7 554.3 348.7 \
Contractor's Overhead and Profits '
(15%) 69.7 83.1 52.3 ’
Total Plant Investment (I) 534.4 637.4 : 401.0
Interest During Comstruction !
(9% X 1.875 years X I) 90.2 107.6 67.7 .1
Start-up Cost (5% of Total Plant
Investment) 26.7 31.9 20.1
Working Capital: 60 days' coal at D
full rate 10.4 12.5 8.9 .
0.9% of Total Plant )
Investment 4.8 5.7 3.7
1/24 X Annual Revenue N
Required 7.3 9.4 6.1 .
Total Capital Required 673.8 804.5 507.5 ’

* Expander,

@®
£
-

l
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Table 10. ANNUAL OPERATING COSTS FOR NOMINAL
240 X 109 Btu/DAY HIGH- AND LOW-Btu GAS PLANTS

USING MONTANA SUBBITUMINOUS COAL

(90% Plant Service Factor — Timing: Mid-1976)

Operating Cost Component

Coal Feed, 50¢/10% Bru#
Catalysts, Chemicals and Other Direct Materials
Raw Water Cost, 45¢/1000 gal

Labor

Process Operating Labor (for high-Btu gas, 58
men/shift for HYGAS and 60 men/shift for
U-GAS; 33 men/shift for U-GAS to low-Btu
gas; at $7.20/hr and 8,760 man-hr/year)

Maintenance Labor (1.5% of Total Plant
Investment plus Lockhopper Maintenance
Labor for U-GAS) .

Supervision (15% of Operating and Maintenance
Labor)

Administration and General Overhead (607%
of Total Labor, Including Supervision)

Supplies
Operating (30%Z of Process Operating Labor)

Maintenance (1.5% of Total Plant Investment
plus Lockhopper Maintenance Supplies for
U-GAS)

Local Taxes and Insurance (2.7% of Total Plant
Investment)

Total Gross Operating Cost

By-Product Credits

Sulfur at $10/long ton

Ammonia at $50/ton

Light 0il (B-T-X) at 35¢/gal
Total

Net Operating Cost

Depreciation (20 years Plant Life,
Straight-Line)
Return on Rate Base
Federal Income Tax t
20-Year Average Annual Revenue Required

Annual Gas Production, 109 BRtu 6 t
20-Year Average Gas Price, $/10° Btu

High-Btu Gas

Low-Btu Gas

HYGAS U-GAS U-GAS
$1000
56,641 68,353 48,653
3,195 5,236 847
909 1,749 670
3,659 3,784 2,081
8,016 9,661 6,115
1,751 2,017 1,229
8,056 9,277 5,655
1,098 1,135 624
8,016 9,661 6,115
14,429 17,210 10,827
105,770 128,083 82,816
(215) (267) (223)
(1,138) -- --
(9.,674) -- -=
(11,027) (267) (223)
54,743 127,816 82,593
32,565 38,845 26,440
36,556 43,685 27,626
12,052 14,402 9,107
175,916 724,748 143,766
79,333 79,596 78,446
2.22 2.82 1.83

This is a nominal coal cost and is not to be interpreted as an IGT recommendation.
Depending on mine ownership and capital charges, prices could be in the 40 to 50
¢/106 Btu range. To avoid establishing a coal cost, its effect has been shown

as a variable in Figure 5.

+

Calculated by the Utility Financing Method (Table 11).
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High-Btu Gas Using HYGAS and U-GAS

The capital required for the HYGAS and the U-GAS plants for producing high-Btu
gas are $674 million and $805 million (Table 9). Major items in both plants are
gasification reactors, purification, oxygen supply, and offsites, The HYGAS reactor
system costs more than the U-GAS reactor system because of its greater size, com-
plexity, and the much higher operating pressure required, However, because of the
much higher costs for oxygen supply, methanation, synthesis and product gas compres-
sion, and steam generation for the simpler U-GAS reactor, total capital investment
for the U-GAS Process 1s $131 million more than for the HYGAS Process,

The calculated 20-year average gas price of $2.82/106 Btu wheg a U-GAS reactor
is used for SNG is sgbstantially higher than the price of $2.22/10° Btu for the HYGAS
Process for $0.50/10° Btu coal (Table 10). A private investor financing method
(DCF) was also developed by the FPC task force comprising 100% equity capital, 25-
year project life, l6-year sum-of-the-year's digits depreciation, ang 12% DCF rate
of return. With this method, the gas prices are $3.63 and $2,89/10° Btu for the
U~GAS and the HYGAS Processes. Use of the U-GAL reactor gives a higher price be-
cause of lgwer conversion efficiency and highgr plant cost. This plant requires
$11.7 X 10° more coal and produces $10.8 X 10  fewer by-products compared with the
HYGAS plant. The by-products of 65.3 long tons/day sulfur, 69.3 tons/day ammonia,
and 84,144 gal/day light oil (B-T-X) reduce the HYGAS gas price by about $0.14/
10° Btu at the unit values of $10/long ton sulfur, $50/ton ammonia, and $0.35/gal
for the light oil, There are 81.4 long tons/day of sulfur by~product for U-GAS
with negligible effect on gas price.

Low-Btu Gas by the U-GAS Process and Its Comparison to High-Btu Gas by the
HYGAS Process

Table 9 also shows a total capital investment of $674 million for the HYGAS
high-Btu plant and $508 million for the U-GAS low-Btu plant. The U-GAS oxygen
supply costs $90 million, twice that for HYGAS. However, all other aspects for
low-Btu gas — coal feeding, gasification, product upgrading, and offsites — cost
much less.

Table 10 presents annual operating costs, 20-year average annual revenue re-
quired, and gas price. HYGAS coal costs are $8 million/year more than for low-Btu
U-GAS; catalyst and chemical costs are $2.3 million/year more for HYGAS. The U-GAS
system requires 25 men/shift fewer in operating labor than the HYGAS system.
Capital-related costs are about $8 million more for the HYGAS system. The higher
HYGAS costs are somewhat offset by the $11 million higher by-product credit. The
total net difference in net operation costg is $12 million, The higher HYGAS capi-
tal and operating cosgs lead to a $0.39/10° Btu higher gas price for HYGAS (HYGAS
$2.22, U-GAS $1.83/10° Btu).

If gas price %s calculated using the DCF method described above, the U-GAS
price is $2.34/10° Btu compared with high-Btu gas at $2.89/10  Btu.

Comparison of High— and Low-Btu Gas Price Sensitivities

Figure 4 shows the effect of variations in plant cost on the 20-year average
gas price. The effect of variations in both installed equipment cost and total
capital cost are shown. An increase of about 67% is added to the installed equip-
ment cost by the various factors used to arrive at total capital required. For a
change of $1 million in installed equipment cost, the gas price varies by 0.36¢/10
Btu; for a similar change in total capital required, the gas price changes by

6
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0,22¢/106 Btu, when the utility financing method is gsed. For the private investor
financing method, the numbers are 0.53¢ and 0.31¢/10° Btu. These sensitivity factors
apply to all three processes. ‘

.

Figure 5 shows the effect of varying coal costs on the gas price. For high-Btu
gas, the sensitivity is 1.5¢ change in gas price per 1l¢ change in coal cost for the
HYGAS Process. Because of the lower efficiency, the sensitivity for the U-GAS to
SNG process is 1,8¢ change in gas price per 1l¢ change in coal cost., The sensitivity
for the U=GAS to low-Btu gas process is 1.2¢ change in gas price per 1¢ change in
coal cost,

\,-.4 y-_,

CONCLUSIONS

The manufacture of pipeline-quality gas by the HYGAS Process shows a definite
advantage over its manufacture by a single-stage, lower pressure system. Although
the hydrogasifier is more complex and operates at a much higher pressure than the
U~GAS reactor (1165 vs. 335 psig), a much greater amount of methane is made in the
HYGAS reactor. This gives large savings in coal, oxygen, and upgrading costs, re-
sulting in a lower gas price and higher efficiency.

When a low-Btu fuel gas of low methane content is satisfactory, the simpler,
low-pressure U-GAS Process shows economic and efficiency advantages.

-

The results are summarized below:

High-Btu Gas Low-Btu Gas \
- HYGAS U-GAS U-GAS .,
To:gl capital: required, 674.0 805.0 508.0
$10°  (mid-1976) )
Gas price, $/1o6 Btu, 2.22 2.82 1.83 .
utility financing
Overall thermal efficiency,% 74.0 58.2 80.8

X 4 R = - - 3 ~ R J > 2
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Figure 4. EFFECT OF PLANT COST ON’ GAS PRICE FOR HIGH- AND
LOW-Btu GAS FROM MONTANA SUBBITUMINOUS COAL
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93

A77061257



COMPARATIVE ECONOMICS OF THE CITIES SERVICE CS-SRT PROCESS WITH THE LURGI PROCESS.
Chris J. La Delfa, Cities Service Co., Box 300 Tulas, OK 74102 and Marvin I. Greene,
Cities Service Research & Development Co., P.0. Drawer #7, Cranbury, NJ 98512,

Cities Service Research and Development Company, the research arm of the Cities
Service Company, has been developing a process, The CS-SRT Process, for the non-catalytic,
vapor phase, hydrogenation of carbonaceous feedstocks. The initial and primary emphasis
in our Energy Research Laboratory was to apply this technology to convert coal into pipe-
line quality gas and attractive by-produces yields of light aromatic (BTX) liquids. De-
tails of the engineering development of this process are reported in another paper at
this meeting. .

A conceptual plant design for producing 250 MM SCFD of pipeline gas and 6300 BPD of
aromatic liquids has been generated. The design was based on data obtained from process~
ing a North Dakota lignite in the bench-scale unit. The design was based on in-house
studies and on an engineering study performed for Cities Service by the Foster Wheeler
Energy Corporation. )

A grass-roots coal conversion plant was designed for a North Dakota-Montana plant
On-site power generation was included, so that, other than coal feed, only raw
water and consumptive chemicals must be supplied. D&E capital investment costs were
generated based on fourth quarter 1976 costs. A discounted cash flow analysis was per-
formed to determine the cost of services for producing pipeline gas. The results of the

study were compared to a conceptual plant design for producing pipeline quality gas by
the Lurgi Process.

site.
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ECONOMICS OF PRODUCING METHANOL FROM COAL
BY ENTRAINED AND FLUIDIZED-BED GASIFIERS

William C. Morel and Yong Jai Yim

U.S. Department of the Interior, Bureau of Mines
Process Evaluation Office--MMRD
P.0. Box 880
Morgantown, West Virginia 26505

Methanol is one of several liquid fuels being considered as a supplement to
help alleviate increasing gasoline requirements, the anticipated curtailment of the
availability of domestic crude oil and natural gas, and the steadily increasing
cost of foreign crude. Methanol has one-half the heating value of gasoline and a
lower air requirement for combustion, so some modifications will be required in the
carburetor design. Present-day carburetors can operate with a gasoline fuel con-
taining about 10 percent methanol. Coal is being considered as an alternative raw
material for the production of methanol owing to the apparent depletion of natural
gas supplies.

An economic evaluation of methanol production from coal synthesis gas based
on a 5,000-ton-per-day capacity is presented. Two coal gasification systems are
considered--entrained and Synthane (a fluid-bed process). Figure 1 is a block
diagram showing major units in these two processes. The estimates are based on
January 1976 cost indexes. Average selling prices of the gas were determined by
using DCF rates of 12, 15, and 20 percent at various coal costs. No inflation
factors are included during the life of the plant. Pollution abatement considera-
tions have been incorporated. Some of the economic and technical details are
included for the two systems.

ENTRAINED GASIFICATION

In this system methanol is produced from synthesis gas prepared by entrained
gasification of Pittsburgh seam coal at 30 atmospheres. (1) Figure 2 is a flow dia-
gram of the process and includes the following steps:

1. Coal preparation, which includes crushing, screening, sizing, and drying of
the run-of-mine coal (not shown on figure 2).

2. Entrained oxygen-coal gasification at 30 atmospheres with a 2,400° F outlet
gas temperature. Gasifier volume was based on a 2.5-second gas residence time.

3. A dust removal unit removes the entrained dust from the synthesis gas with
cyclone separators, before it enters the waste heat recovery unit where steam required
in the gasification and shift conversion units is produced. The cooled gas then
flows through an electrostatic precipitator for residual dust removal.

4. Shift conversion of the clean synthesis gas to a H2:C0 ratio of 2.3:1 in the
presence of sulfur-resistant catalyst. The 50-psig saturated steam required in the
purification unit is produced in the heat recovery system following the shift con-
verters.

5. The hot-carbonate purification unit, which reduces the CO2 content to 2.8
percent and removes essentially all of the HpS and C0S. (2) Char towers are provided
for removal of residual sulfur compounds. .

6. The low-pressure methanol synthesis system, operating at 570° F and 1,470
psia and utilizing a copper-based catalyst.

It is assumed that approximately 15 percent of the total Hz and CO entering the
converter is synthesized to methanol. The design of the converters was based on a
gas space velocity of 10,000 v/v/h. (3) The thermal efficiency of the plant is 46.5
percent, based on a gross heating; value of coal at 13,400 Btu per pound and methanol
at 10,259 Btu per pound.
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SYNTHANE GASIFICATION

The synthesis gas is produced by fluidized gasification of Pittsburgh seam coal
at 68 atmospheres. (4) Figure 3 is a flow diagram of the process and includes
the following steps:

1. Coal preparation, which includes crushing, screening, sizing, and drying of
the run-of-mine coal {not shown on figure 3).

2. Coal pretreatment in the top section of gasification unit to destroy caking
properties.

3. Free-fall carbonization plus steam-oxygen gasification of the pretreated
coal in a fluidized bed.

4. Entrained char removal in cyclone separators and tar removal by water scrub-
bing.

5. The first hot-carbonate purification unit, which reduces the CO content to
1 percent and removes essentially all the H»S and COS. Char towers are provided for
removal of residual sulfur compounds.

6. A steam-methane reformer unit, which converts about 95 percent of the CHg
to CO and Hyp to decrease the amount of purge gas from the methanol synthesis unit in
addition to producing H2 for synthesis.

7. A reverse shift conversion unit, which reduces the H>:C0 ratio of the re-
former gas product from 4.3:1 to 2.3:1. CO2 requirement for the reaction is supplied
by off gas from the purification system.

8. A second hot carbonate purification unit which selectively reduces the C0y
content to 2.8 percent. Off gas from the regenerator, namely CO; saturated with
water vapor, is cooled and compressed to meet COp requirements of the reverse shift
converters.

9. The methanol synthesis unit which operates at the same conditions as the
other case.

The gasifiers are designed to operate at a pressure of 1,000 psia and at a
maximum temperature of 1,300° F with coal throughput of 580 pounds per hour per
square foot of cross-sectional area. The assumptions for the methanol synthesis
are the same as those used in the entrained gasification system. The thermal
efficiency of the plant is 41.6 percent, based on a gross heating value of 13,400
Btu per pound of coal and gross heating values of methanol and byproduct tar of
10,259 Btu per pound and 130,000 Btu per gallon, respectively.

CAPITAL INVESTMENT

The total investment is estimated to be $331.7 million for the entrained gasi-
fication system, or $252.7 million lower than for the Synthane gasification system.

Table 1 is a capital requirement comparison of the two systems, and figure 4
shows the distribution of capital requirement for major processes. Detailed cost
summaries of the major processing units are not included, but the costs of the
individual units are listed. General facilities include administrative buildings,
shops, warehouses, railroad spurs, rolling stock, roads, waste water treatment, and
fences. The cost of steam and power distribution, cooling water towers, plant and
instrument air, fire protection, and sanitary water are included in plant utilities.

OPERATING COST

Table 2 presents the estimated operating cost comparison for the entrained and
Synthane gasification systems. An assumed 90-percent operating factor allows 35
days for downtime, two 10-day shutdowns for equipment inspection and maintenance,
and 15 days for unscheduled operational interruptions. With labor at $6 per hour,
payroll overhead at 30 percent of payroll, and depreciation at 5 percent of the
subtotal for depreciation allowing credit for sulfur recovered at $25 per ton, and
with the cost of coal as a variable, the following operating costs are derived:
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Cost of
coal Per year, MM Per gallon Per MMBtu
per ton [ Entrained | Synthane JEntrained | Synthane | Entrained [ Synthane
$11 §77.7 $116.6 $0.15 $6.23 $2.25 ~$3.48
13 82.8 122.7 . .16 .35 2.38 3:63
15 87.8 128.9 .17 .26 2.50 3.81

Based on a 330-day operation year for the plant and allowing credit for the
sulfur produced, with coal costs and discounted cash flow rates as parameters, the
average selling prices of the methanol product per gallon and per MMBtu for the two
systems are shown in the following table: (These are also plotted on figure 5.)

Cost of Methanol selling price

coal 12-pct DCF | 15-pct DCF | 20-pct DCF

per ton | Entrained | Synthane | Entrained | Synthane [Entrained | Synthane

. Dollars per gallon

$11 0.26 0.43 0.30 0.49 0.37 0.62
13 .27 .44 .31 .51 .38 .63
15 .28 .45 .32 .52 .39 .64

Dollars per MMBtu

1 3.84 6.35 4.43 7.23 5.46 9.15
13 3.98 6.49 4.57 7.46 5.61 9.30
15 4.13 6.64 4.72 7.67 5.76 9.44

The DCF computer program takes into account the capital expenditure prior to
startup so that the interest during construction is deleted from the capital require-
ment. Provisions are made for recovery of the working capital in the 20th year.

UNIT COST SUMMARY

The selling price used to determine the high-cost elements in the process was
based on a 15-percent DCF for a 20-year project life, with coal at $13 per ton. A
breakdown of the cost elements for the two systems is shown in table 3. Figure 6
shows the selling price of major processes for the two systems.

SUMMARY OF COMPARISONS

As shown in table 1, the total investment for the entrained gasification system
is $252.7 million, or 43 percent lower than for the Synthane system. About 60 per-
cent of the difference is in synthesis gas preparation, consisting of the fluidized
gasification system and the methane reforming unit for converting the methane in the
product to synthesis gas. It is apparent that the reason for this high capital
investment for the Synthane gasification unit is its higher operating pressure; also
it requires more separation of such impurities as ammonia, char, and tar from the
gas stream. The major part of this capital cost difference comes from the steam-
methane reforming unit to process approximately 35 percent (dry base) of methane in
the gas stream. This high-temperature reforming reaction is endothermic and requires
not only high capital cost but also high-temperature steam to supply the heat required
for the reaction. In addition to these, the Synthane system requires extra processes
over the entrained gasification system such as a second purification step and COp
compression. The higher capital cost of the methanol” synthesis unit for the Synthane
system, even though both systems have similar feed gas composition and flow rates, is
due to the higher compression ratio of the feed gas, resulting in a higher compression
cost. Differences in capital costs for these two systems are shown in figure 4.
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The operating cost for the entrained gasification system is about 33 percent less
than for the Synthane system as shown in table 2. Increases in maintenance, overhead,
and indirect and fixed costs, which are directly related to the capital investment,
represent the main difference.

The average selling price was based on three coal costs ($11, $13, and $15) and
three DCF rates of return (12, 15, and 20 percent). Over this range, the selling
price for the entrained gasification is 17 to 25 cents per gallon of product lower
than for the Synthane gasification, or $2.51 to $3.68 per MMBtu. This represents about
a 40-percent decrease.

CONCLUSION

Results of this study clearly indicate the entrained gasification system is more
economical than the Synthane fluidized system to produce methanol from coal. The
commercial available Lurgi fixed-bed gasification unit will yield similar results
owing to the formation of methane in the product as in the fluidized system. One of
two alternatives would be a combination of a high-Btu gas plant with methanol as its
byproduct. This would eliminate the high cost of a methane-steam reforming unit,
but it would have a Tower methanol conversion yield because the partial pressure of
the hydrogen and carbon monoxide is reduced by the higher methane content in the gas
stream plus the fact that the methanol is synthesized on a "once through" basis with-
out recirculation. The other alternative would be the separation of methane from the
gas stream by a cryogenic method, but this is also considered a high-capital process.
Even though the Synthane coal gasification system may not be the most suitable process
to produce methanol from coal owing to its high methane content, it is comparable to-
other gasification systems that produce high-Btu gas.
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TABLE 1. - Capital requirements: Comparison of entrained gasification

system with Synthane gasification system

Entrained Synthane
Unit asification gasification Difference
Coal preparation.......... ~$9,506,900 $11,327,500 | $-1,820,600
Gasification.............. 8,161,200 45,833,000 | -37,671,800
Dust removal......c.ovueens 2,278,900 9,117,000 -6,838,100
Purification No. 1........ - 24,731,200 39,728,400 | -14,997,200
Methane reforming......... . - 32,462,900 | -32,462,900
Waste heat recovery No. 1. 2,169,100 3,599,000 -1,429,900
C02 compression........... - 23,304,500 | -23,304,500
Shift conversion.......... 1,629,200 +1,629,200
Reverse shift conversion.. - 4,513,900 -4,513,900
Waste heat recovery No. 2. 7,852,200 10,488,100 -2,635,900
Purification No. 2........ - 29,244,300 | -29,244,300
Methanol synthesis........ 63,096,600 86,159,500 [ -23,062,900
Oxygen plant.............. 47,200,000 22,000,000 | +25,200,000
Sulfur recovery plant..... 1,100,000 1,130,000 -30,000
Waste water treatment..... .- 10,355,400 | -10,355,400
Flue gas processing....... 9,491,400 12,723,700 -3,232,300
Steam and power plant..... 42,452,900 45,595,000 -3,142,100
Plant facilities.......... 16,475,200 29,068,100 | -12,592,900
Plant utilities........... 23,614,500 41,665,000 | -18,050,500
Total construction... 259,759,300 458,315,300 |-198,556,000
Initial catalyst
requirements............ 2,504,700 3,672,100 -1,167,400
Total plant cost
(insurance and tax
bases).....viininnn 262,264,000 461,987,400 |-199,723,400
Interest during _
construction............ 39,339,600 69,298,100 [ -~29,958,500
Subtotal for
depreciation....... 301,603,600 531,285,500 |-229,681,900
Working capital........... 30,160,400 53,128,600 | ~22,968,200
Total investment..... 331,764,000 584,414,100 |-252,650,100
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TABLE 2. - Annual operating cost:

Comparison of

entrained gasification with Synthane gasification

Entrained Synthane
Cost item gasification | gasification Difference
Direct cost: : :
Raw materials:
Coal at $11 per ton... $27,965,500 $33,776,400 | $-5,810,900
Raw water............. 691,400 1,375,700 -684, 300
Catalyst and chemicals 1,300,200 3,109,700 -1,809,500
Methane............... 143,200 233,400 -90,200
Subtotal............ 30,100,300 38,495,200 -8,394,900
Direct labor............ 2,312,600 2,733,100 -420,500
Direct labor supervision 346,900 410,000 -63,100
Subtotal............ 2,659,500 3,143,100 -483,600
Maintenance labor....... 4,845,000 8,550,000 -3,705,000
Maintenance labor
supervision............ 969,000 1,710,000 -741,000
Maintenance material
and contracts.......... 7,267,500 12,825,000 -5,557,500
Subtotal............ 13,081,500 23,085,000 | -10,003,500
Payroll overhead........ 2,542,100 4,020,900 -1,478,800
Operating supplies...... 2,616,300 4,617,000 -2,000,700
Total direct cost.. 50,999,700 73,361,200 | -22,361,500
Indirect cost............. 7,342,900 12,338,000 -4,995,100
Fixed cost:
Taxes and insurance..... 5,245,300 9,239,800 -3,994,500
Depreciation............ 15,080,200 26,564,300 | -11,484,100
Total, before
credit......v..... 78,668,100 121,503,300 | -42,835,200
Sulfur credit........... 994,100 995,900 +1,800
Tar credit.............. - 2,184,200 +2,184,200
Ammonia credit.......... - 1,744,400 +1,744,400
Operating cost,
after credit.... 77,674,000 116,578,800 | -38,904,800
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TABLE 3. - Unit cost comparison

Process unit

Cost per gallon of product

Entrained gasification

Synthane gasification
$0.016

Coal preparation......... $0.014
Gasification............. .156 .170
Dust removal............. .003 .015
Purification No. T....... .036 .052
Methane reforming........ - .035
C02 compression.......... - .033
Reverse shift conversion. - .005
Shift conversion......... .023 -
Purification No. 2....... - .052
Methanol synthesis....... .070 .103
Sulfur recovery.......... .001 -
Waste water treatment.... - .009
Flue gas processing...... .011 .015
Total..oveerunonnnss .314 .505

NOTE:--Coal at $13 per ton; DCF at 15 pct.
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ASPHALTENES AND PREASPHALTENES - COHPOWEHTS OF AN ORIGINAL hvb CQAL
Anna Marzec, Teresa Krzyzanowska, Dsnuta Bodzek

Petroleum and Coal Chemistry Dpt.,, Polish Academy of Sciences
44-100 Gliwice, 1-go Maja 62 St., Poland

Asphaltenes are considered to be the principle intermedigtes in the
conversion of coal to an oil products. Weller /1/ stated that the
catalytic conversion of coal involves two consecutive first order

reactions: X k
Coel ---~i» Asphaltenes —--2= 03l 1/
At 400°C k, was reported ss 27 times higher than k2 and at 440°C

k1 as 10 tlmes higher than k2.

Liebenberg and Potgleter /2/ derived another mechanism which inclu-

des the following reactions:y X

Coal ===l isphaltenes —--2» 0il

k

Coal =—--2» 4sphaltenes 2/
ky

Cozal =~~=» 0il 3/

He tentatively determined the sum k,+k, at 400°C and 440°C in the
conversion of coal with tetralin ana ng catalyst =dded.

More recently Yoschida et al. /3/ estabilished that the mechanism
for catalytic conversion of Hokkaido coals includes Reaction 1
and 3., It is worth to emphasize that according to their experi-
ments k, is considerably higher or lower than k1 and k2, depending
upon coél type. .
Sternberg et al. /4,5/ have proposed that preasphaltenes are the
intermediates between coal and asphaltenes. Contrary to this,
Schweger and Yen /6/ considered that "preasphaltenes may arise
from reactive coal depolymerizastion moieties, which are ... repo=-
lymerized into materials more difficult to degrade than the
original cogl substance",

Collins et al. /7/ claim that "carbon-carbon scission must be
considered as an important factor.in asphaltene formation" and in
preasphaltenes formation as well. The statement has arrised from
thelr experiments based on thermal treatment /over 300°C/ of model
compounds - arylalkanes, diphenylalkanes and aryl alkyl ethers.

We have found that asphaltenes and preasphaltenes are the compo-
nente of coal extracts, Coals were extracted at ambient tempera-
ture and precautions in analytical procedure have been observed.
Therefore, the components of the extract may be considered they
are the components of oripinal coal.
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EXPERIMENTAL

High volatile A bituminous coal J /vitrinite 60%, inertinite 33%,
exinite 6%/ and hvab coal W /vitrinite 45%, inertinite 45%,
exinite 10%/ have been investigated. Proximate and ultimate
analyses are presented /Table 1/.

EXTRACTION

Coal samples / «C1,4mm/ were extracted in the Soxhlets at ambient
temperature for 150 hours, Benzene-ethanol 7:3 vv mixture has been
applied. Yields and ultimate analysis of the extracts are given
/Table 1/. Although the yields are low they are considerably higher
than benzen: extract or ethanol extract yields.

Temperature curriculum of the extracted compounds: after extrac-
tion at ambient temperature the extract solution has been influen-
ced by temperature below 100°C /the bottom flask of the Soxhlet
water bath heated/ for 18 hours /after each 18-hour period, solu-
tion has been removed and fresh solvenis poured/. The total extract
solution was carefully filtrated and the solvents were evaporated
from it in a rotary apparatus at 50°C and reduced pressure.

FRACTIONATION OF THE EXTRACTS

has been carried out according to the scheme /Fig. 1/ bzsed on the
procedure described by Schweighardt et al./8, 9/ for analysis of
hydrogenated coazl liquids,

The following group components have been isolated /Table 2/:
preasphaltenes i.e., benzene insolubles/pyridine solubles
asphaltenes i.,e., benzene solubles/hexane insolubles

basic fraction of asphaltenes

acidic/neutral fraction of asphaltenes

benzene and hexane solubles

Temperature curriculum of the extracted compounds, continued: all
group components were freed from the solvents in a rotary apparatus
at 50°C /except pyridine insolubles/ and reduced pressure to con=-
stant weight /except pyridine solubles/., Other analytical works
were done at ambient temperature. Samples were stored in nitrogen.

Extract+benzene /10g:100ml/ were vigorously stirred for 3 hours.
Benzene insolubles BI were filtrated, washed, dried, weighed., Then
pyridine was added to BI and total ~ stirred for 1 hour. Pyridine
insolubles PI were filtrated, washed and dried above 100°C to cons-
tant weight.

The content of pyridine solubles PS has been determined by diffe-
rence:;

BI - PI = preasphaltenasg,

sinceosome final emount of pyridine cannot be removed from them

at 50C. -

Solubility of preasphaltenes

We tried to redissolve the preasphaltenes in the same solvent mix-
ture as applied in coal éxtraction /benzene:ethanol 7:3/. It hes
been stated that preasphaltenes isolated from the coal extract are
easily dissolved at ambient temperature in the mixture, although
they are insoluble in benzene or ethanol, Therefore, no indication
of their polymerization /6/ which could contribute to 2 formation
of pressphaltenes has been found,
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Purther analytical work on the separation of preasphaltenes by HC1
saturation of benzepe/ethanol solution has not been completed yet.

The benzene soluble 8ortion of the extract is reduced in volume by

nitrogen flush at 50YC until an approximate ratio 1g:5ml solubles :
benzene is reached. Then BS concentrate is slowly introduced by
drops into vigorously stirred hexane. Filirated, washed and dried
precipitate yields the content of asphaltenes,

The asphaltenes are dissolved in toluene, filtrated, then dry HCl
is bubbled through the solution until no futher precipitation is
observed., Chloride precipitate is freed from HC1l by toluene/in
aqueous NaOH treatment and after evaporation of toluene the content
of basic portion of asphaltenes is determined.

Compounds which did not form HCl adducts and remained in toluene
were recovered by evaporation /nonbasic portion of asphaltenes/.

PLC ANALYSIS OF THE EXTRACT AND ITS SEPARATION PRODUCTS
Table 3. Thin-Layer Chromatography conditions

Solvent Develop~-
Solvent system ratio - ment
11 C B i C B cycle
extract methanol chloroform - 11 - 1/2; full
preasph. methanol chloroform benzene 1:1:1 full
bases methanol chloroform - 1 :1 - full
nonbases methanol chloroform - 1 1 - 1/2; full

Neutral gel /type Mi-Kieselgel HF/ on 20x20 cm plates was used.
Full development cycle was 16 cm high; 1/2 cycle is realized as
follows; the plate is kept in the chamber until solvent resched
1/2 height, removed from chamber, dried under nitrogen, reinserted
in chamber,

The applied spray reagents for functional group detection on TILC
plates are presented éTable 4/. ,

Table 4, Thin-Layer Spray Reagents

Punctional group indication Detection
Reagent Ar-OH V-H ring sN-ring 4r-NH, limit / g/
& Phenol Pyrrol Pyridine 4Amines i

type type type
Fast Blue red- brown- o yellow=- 0.01
Salt B violet violet orange ’
FeCl . dark
3% in 0,5n HC1 violet green - blue 0,01
Wachmeister's . yellow~ purple- . brown- 0.1
Reagent violet brown green )
Erlich’s . a light light
Reagent T violet yellow yellow 0,05
Draoendorfffs pink-
Reazent - - orange red 0,1
Iodoplatinate - - brovn belge 0,5
S/ after few hours
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Preparation of the reagents is based on E. Merck handbook -
nAnfirbereagenzien fHir Dinnschicht~ und Papier-Chromatographie®,
Darmstadt, 1970. The same reagents were applied by us /10/ in
analysis of hydrogenated coal liquids. '

Results of TLC analysis of the coal extract as well as its separa-
tion products are summarized /Table 5/,

Table 5, Results of'SErax Reagent Test:

Punctionsl Group

" Ar-0H ¥-H ring =N~ ring Ar-NHg
Phenol Pyrrol Pyridine Amine
type type type
Extract ) + + . + +
Preasphaltenes o+ + +° +
Asphaltene - I ,
bases - _ + : +
Asphaltene — —_—
acidic/neutral + *
a/

TLC-Spray Reagent indication of amine presence is not an irre-
futable proof.

Meaningless test -~ preasphaltenes are contaminated by pyridine
during separation procedure.

The results indicate that asphgltenes derived from the coal extract
contain heterocompounds which may be separated into basic and
acidic/neutral fractions. Phenol and pyrrol derivatives are present
in the acidic fraction, pyridine derivatives -- in the basic portiom
We did not find any amphoteric substances in the basic nor in the
acidic fraction. Therefore, the analogous results have been obtai-
ned in anglysis of asphaltenes extracted from cogl at ambient tem~
perature /this paper/ and asphaltenes derived from the high tem-
perature coal conversion products /5, 8, 9, 10/.-

INFRA-RED SPEZCTROMETRY OF THE EXTRACT AND SOME SEPARATION PRODUCTS

Spectra have been recorded by C. Zeiss spectrophotometer Specord
71 IR Model /NaCl prism/.

Spectre of the extract in KBr pellet /curve 4/, basic fraction
/curve B/ and acidic/neutral frection of aspnaltenes /curve C/ -
both in 2% CS, solutions, 0,6 mm fixed path length cell, are
presented /FiE. 2/. 632 bands have been compensated by application
of variable path cell “in reference beam.

Broad and high band in 3590-3050 cn”™ range is a strong indication
of the presence of hydrogen bonded heterocompounds in the extract.

Spectrum of basep shows:

in 3570-3100 cm™' range - weak, broad band which may arise from
stretching vibrations of N-H group, free or/and hydrogen
bonded; teking into account TLC-spray reagent test results
/pyrrol type l-H and phenol type O-H excluded/ the sbove
band arise from amine type I~H bond.
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1730 ecm” ' band indicates carbonyl group of cyclic unsaturated
ketones, and/or diketones, and/or quinones. However, this
band is absent in the extract spectrum. Therefore, oxida-

tion of the basic fraction may be a reason.

Spectrum of a01d%c/neutral fraction shows:

in 3585-3550 cm range -~ sharp band characteristjc of free phenol
0-H and/?r intramolecular phenol O-H..... orbital band;

1n 3495-3100 c¢m range = broad band characteristic of inter-
molecular O-H bonded group; absorption of pyrrol type N-H
stretching and/or Nh...OH v1brat10ns occurs within the
range ?s well-

sharp 1030 cm band may arise from symmetric stretching vibra-
tions of C=0-C aryl ethers and/or skeletal vibrations of
furanes; the nr?sence of furanes is indicated as well by
880 and 860 cn dublet.

However, the assignment of all other bands has been carried out,

it is not presented here, since complex composition of the samples

limits its diagnostic vglue. On the other hand, part of it is

clearly visible and trivial, for instance - higher content of

aromatic and alkyl groups in acidic fraction than in basic fraction.

CONCLUSIOKS

Asphaltenes znd preasphaltenes are the components of an original
coal. Therefore, some portions of these zroup components in coal
liquefaction products are not the products of thermal nor cataly-
tic conversion.

The real content of asphaltenes and preasphaltenes in an originel
coal is still an unanswered guestion, We have yet to know more

on electron-donor and -acceptor properties of solvent mixtures

as well as agbout strength of donor-zcceptor bonds occuring in coal
substance,if one intends to select solvent mixture capable of
extracting total amount of these components from cozl.
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FIG, 1. EXTRACT FRACTIONATION
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THE HYDROTREATMENT OF COAL WITH A1Cl3/HC1 AND OTHER
STRONG ACID MEDIA

J. Y. Low and D. S. Ross

Stanford Research Institute
333 Ravenswood Avenue, Menlo Park, California 94025

INTRODUCTION

Most current processes for upgrading coal to cleaner fuels require stringent
reaction conditions of high temperatures and pressures. Less severe reaction con—
ditions are needed to make coal upgrading economically feasible. The objective of
this work was to investigate catalyst systems for upgrading of coal to clean fuels
under moderated conditions. In this work, homogeneous acid catalysts are of par-
ticular interest because they allow intimate contact with the coal, they are not
liable to coal ash fouling, and they are easily recovered from the coal ash.

The most common homogeneous catalysts studied in coal upgrading belong to the
general class of molten salt catalysts, (1-5) and include halide salts of antimony,
bismuth, aluminum, and many of the transition metals. Most often, these molten salts
have been studied at high temperature, and in massive excess. (1-5) We have perform
ed a systematic study of the use of some of these molten salts as the homogeneous
acid catalysts for upgrading of coal at relatively low temperatures and moderate
quantities.

In our initial work to establish relatively mild reaction conditions that would
still give relatively good conversions, we conducted a series of experiments to
determine the role of HCl, AlCl3, and Hp in coal hydrocracking. We examined the
effects of temperature and residence time, studied catalyst/coal weight ratios of
1:1 to 3:1, and finally chose the standard reaction conditions for the screening of
several acid catalysts. This paper summarizes the experimental studies and our
results.

EXPERIMENTAL STUDIES

We used Illinois No. 6 coal, which was pulverized by ball milling under nitrogen
to 60 mesh and then usually dried in a vacuum oven at 115°C overnight. Pennsylvania
State University supplied beneficiated coal samples (PSOC-26) as well as an unbene-
ficiated sample (PSOC-25) for use in some experiments. The reactor used was either
a rocking 500-ml autoclave fully lined with Teflon, or a 300-ml Hastelloy C Magne-
Drive stirred autoclave from Autoclave Engineers. Standard tetrahydrofuran (THF) and
pyridine solubilities were determined for the dried product coal by stirring a 0.50 g
sample of the product coal in 50 ml THF or pyridine at room temperature for 1 hr,
filtering the mixture in a medium porosity sintered glass filter, and then washing
the residue with fresh solvent (v 50 ml) until the washings were clear.

RESULTS AND DISCUSSION

In a series of runs in a rocking Teflon-lined autoclave, we first studied the
role of HCl, AICl3, and H, in coal hydrocracking, using 5 g each of AIC13 and coal,
at 190°C (just above the melting point of AlC13), for 15 and 5 hr. As shown in
Figure 1, one or more of the three components were absent in Runs 1 to 6 and 9, and
in each case no increase in THF and pyridine solubilities was observed. In Run 10,
where all three components were present, solubilities increased substantially, sug-
gesting that the ALC13/HCl system was active. Runs 7 and 10 serve to assess the im-
portance of HCl in the system under these conditions, however the results are not
unequivocal. Here, the presence in the coal of proton sources, such as phenolic
groups and traces of water, undoubtedly hydrolyzes some of the A1Cl3, producing HCL.
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These runs indicate that no added HCl is required for coal hydrocracking at these
lower temperatures.

At higher reaction temperatures (210°C) and shorter reaction time (5 hr) on the
other hand, the added HCl clearly increases the conversion (Runs 21 and 25), suggest-

ing that the effective catalyst in the system must contain the elements of HCl and
AlClj,

Next, we studied the effect of potential H-donor hydrocarbons and temperature.
We based our work on the results of Siskin,(5) who found that saturated, tertiary
hydrocarbons serve as effective hydride donors in the strong acid-promoted hydro-
genolysis of benzene. In our system they proved ineffective (Runs 17, 22, 24, and
26, Figure 1). Higher temperatures allowed shorter reaction times. The results for
Run 18 (only 5 hr at 195°C) are comparable to those for Runs 7 and 10 (15 hr, 190°C).
Runs at 195°C for 15 hr were significantly more effective, and the comversion for
Run 12 at 5 hr and 210°C is about the same as that of Run 16 for 15 hr at 195°C.

Next, we studied the effects of the reaction period and catalyst to coal weight
ratio on both the product character and the coal product yields in both the Teflon-
lined and the Hastelloy C autoclaves. We first compared the effects of the catalyst/
coal ratio and at a weight ratio of 1.0, the two systems yielded products with
strikingly different pyridine solubilities: about 60% with the Teflon equipment.
Increasing the catalyst/coal ratio to 2.0 increased solubilities to above 90%, but
a further ratio increase actually caused solubilities to decrease slightly. The
solid product recovery also decreased with increasing catalyst/coal ratio. At a
2.0 ratio, only about half the coal was recovered as a solid product. The other
half was gasified. The softening point for the THF-soluble fraction was about 150°C;
however, the pyridine-soluble fraction did not melt even up to 280°C. The coal
products from the Teflon-lined reactor have consistently higher H/C ratio than those
from the Hastelloy C reactor. We have no detailed explanation for the effect of
autoclave surface on the results, but passivation of the metal surface by some
minimum quantity of catalyst is part of the answer. Whatever the mechanism, the
Teflon surface is helpful.

In runs over varying residence times in the Hastelloy C autoclave at a constant
2.0 catalyst/coal ratio, we observe significant differences in gasification. In runs
of 5 hr down to 90 min, solid product recovery was 45 to 50%. In the 45 min rums,
solid product recoveries were 66 to 72%. The H/C values for the isolated solid
product coals for all six runs were remarkably similar, from 0.82 to 0.85. Similarly,
all coal products have pyridine solubilities greater than 90%. The following scheme
may explain these data.

The catalyst system gasifies some of the coal directly to methane and ethane.
This result, and the effects of temperature on coal conversion, are shown in Table 1.

The Table shows data from runs at 210°C for reaction times from 45 min to 5 hr,
and at 300°C for experiments all for 90 min.(the 210°C data are from an earlier phase
of our work, where the gasification was not quantified. Thus the gasification was
determined by difference. For the 300°C work, the quantities of gases and residue
were determined independently, and thus the mass balances for these runs are not
exactly 100%).

From the lower temperature results, it is seen that the degree of gasification
increases with increasing reaction time. The solid coal products from these runs
are all highly pyridine soluble, and have effectively the same H/C ratio, of 0.83 -
0.84, (The H/C ratio of the starting coal is 0.79).

The 300°C runs are all for 90 min, and experiments 83 and 85 show striking
degrees of gasification. Fully 90+% of the carbon in the coal was converted to a
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50:50 mixture of methane and ethane in these experiments. The next three runs were
run without HC1l present, and a cumulative effect of its absence is seen. The
degrees of gasification decline severely, and the solid coal products recovered

all have lessened pyridine solubilities and H/C ratios. A similar effect for HCl
was observed by Kawa, et al.(2).

These data can be explained by the following scheme,

Coal 1 - Coal Prod. S Cl + C2

H/C = 0.79 H, /Cat. H/C = 0.83 H2/Cat.

3 Char
; A
Hy/no Cat. H/C

Table 1
THE EFFECT OF RESIDENCE TIMES ON COAL GASIFICATION

(4 g Illinois No. 6 coal, 8 g AlCljz, 500 psi HCl,
800 psi Hp, in a 300 ml stirred Hastelloy C autoclave)

Run Residence Coal Residue A
Time % Revd{ % Pyr I H/C Co§1.
Sol Gasified
210°C
67 5 hr 39 97 0.83| 61°
46¢ v 48 87 0.82 52b
41 4 hr 49 91 0.84| s51b
66 90 min 47 96 0.85{ 53b
6941 45 min 72 93 0.82]| 28b
71 " 66 97 0.84] 340
300°C
83 90 min 18 78 0.72 96
85 " 18 83 0.74] 90
86 " 30 60 0.75] 72
With§3: 87 " 49 31 0.68| 56
HC1 88 " 68 28 0.64] 36

%Based on 4 g of coal.

bAssumed, based on unaccounted for material.

“Run with 3 g coal and 6 g AlClj.

Steps 1 and 2 are important in the presence
competitive with no effective catalyst present.
the hydrogen-rich, pyridine-soluble coal product
high temperatures, the relative rates of Steps 1
gasification is the major effect. Finally, when

of an effective catalyst and 3 becomes
At lower temperatures, kj > k2' Thus,
accumulates and can be isolated. At
and 2 are reversed, k, > k,, and

the elimination of HCI reduces the

catalyst effectiveness, Steps 1 and 2 are suppressed and 3 becomes dominant. Thus
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AlClj alone is not only ineffective, it promotes char formation.” Moreover, with
the lessening degrees of gasification, the coal residues appear to be increasingly

cross-linked and depleted in hydrogen, possibly a result of chemistry at the auto-
clave surface.

Several acid catalysts were screened in two series of tests at two catalyst
concentration levels, 210°C, 5 hr, 800 psi Hy, and 0.7 M HX (X = Br, Cl, or F). We
found catalyst activity to vary considerably from one series to the next (Table 2).
Catalyst coal ratio for the first series was 1l:1. All catalysts studied at this
ratio, except AlBr3 and AlClj, were ineffective, reducing THF and pyridine solubili-
ties significantly, perhaps because of internal condensation in the starting coal.
The coal products in these runs are probably highly cross-linked. AlClj was con-
siderably more effective than AlBr3, and HBr alone (Run 30) was, not surprisingly,
ineffective. We found HC1l to behave similarly (Rum 4, Figure 1), Thus, these
results indicate a catalyst effectiveness of AlCl3 > AlBrj >> SbCljz & SbF4 % 2nCly
% TaFs g NiSO, % CoSO, & HBr.

Next we ran a more extensive series with the catalysts present at a constant

ratio of 0.045 M catalyst/4 g coal, equivalent to 6 g AlCl3/4 g coal. Here we found
SbBrj & SbCl3 > AlBrjy > AlCl5 > Ni(AA)2 > TaFg >> SbFg #& MoCls % WCl

(AA = acetylacetonate). In this second series we found first that TaFg, which Siskin
(6) found to effectively hydrocrack benzene to mixed hexanes, is not at all effective
under our conditions. Similarly, ZnCly, the well known coal conversion catalyst, is
not effective under these conditions, perhaps because under our relatively mild con-
ditions, ZnCly is not molten (mp, 283°C). Finally, the favorable antimony bromide
and chloride results are similar to those reported by Shell (1).

In Run 35 (Table 2), with A1C1l3/HC1l, we used unbeneficiated coal. Here, the
THF solubility of the product coal increased by almost a factor of 2, to 40%. The
pyridine solubility increased slightly, to 66%. Since pyridine is generally a
better solvent for coal liquids than is THF, the considerable increase in THF solu-
bility suggests that more lower molecular weight products are obtained when unbene-
ficiated coal is used. Also, the mineral matter present in the unbeneficiated coal
clearly aids in the acid-catalyzed hydrocracking process, suggesting that the mineral
matter in the coal is an effective catalyst under acid conditioms.

SUMMARY OF RESULTS

We now have established a set of relatively mild experimental conditions for
coal conversion and have identified several homogeneous acid catalysts, which under
these conditions can convert the coal almost completely to pyridine-soluble material.
The reaction conditions for AlClj3 are 210°C, 45 min, 2:1 A1C13/coal weight ratio,
500 psi Hp, 800 psi HCl. Also, we have observed that with 1:1 catalyst/coal weight
ratio, the effectiveness of the catalysts for conversion is

Alcly > Al1Bf3 >> SbCljy % SbF3 & ZnCly & TaFs % NiSO, % CoSO,.

When a constant molar ratio of catalyst is used, the order is:
: SbBrj % SbCly > AlBr, > AlCl3 > Ni(aA), > TaFg >> SbFg & MoCls % WClg.

We have discovered that adding HC1l to AlClj significantly enhances conversion
for runs with short residence time (5 hr or shorter) at 210°C. Under similar reaction
conditions, a Teflon-lines reactor yields coal products with greater H/C values than
does the Hastelloy C reactor. Residence time also has a significant effect on gasi-
fication., More than 50% of the coal is gasified for residence times of 95 min or
longer; 30% is gasified at 45 min. Finally, we have established that at 300°C
reaction temperature, AlCl3/coal weight ratio of 2:1, and with HCl added, about 90%

of the coal is converted to methane and ethane.

*The cumulative effect of HC1 absence is explained by the need for passivated reactor
surfaces. When these reactions are run in fully Teflon-lined reactors, the results
are significantly improved. Considerably lower catalyst/coal ratios provide results
comparable to those shown here.
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Table 2

TREATMENT OF TLLINOIS NO. 6 COAL
WITH Hy/STRONG ACID SYSTEMS

Pressure (psi) Solubilities (%)P
Run # Catalyst System H, HX THF Pyr
(a) Constant Weight?d
28 ’ A1C13/HC1/H2 800 500 23 58
35 AIC13/HC1/Hy® 800 500 40 66
29 AlBr4/HBr/H, 980 33g 9 27
27 AlBry/HBr/Hp 820 50g 11 32
30 HBr/Hjy 1000 31g 2 6
31 SbCl3/HCl/H2 800 500 - 1
32 TaFs/HF /Hy 1100 22g - 13
33 SbF3/HF /Hy 1100 16g <1 4
44 ZnClz/HCl/HZ 800 500 - 9
56 COSOA/HZSO4 1300 68.6g <1 <1
57 Ni504/Hy504 1300 68.6g <1 <1
(b) Constant Molar Quanti;yd
45 AIC13/HC1/Hy 800 500 25 47
48 AlBr3/HBr/Hy 1100 - 708 30 59
49 SbCl3/HCl/H2 800 500 - 100
50 TaFg/HF/Hy 900 lig 11 20
52 SbFs/HF/HZ 1150 l4g <1 <1
56 MoCls 1300 - 8 16
55 WClg 1300 - 6 12
61 SbBrg/HBr 850 59g 43 ~100
62 Ni(AA) 2/HC1 800 500 ND® 38
70 MOClS/HCl 800 500 <1 4

%In this series of experiments, 5 g of coal was treated at 210°C for 5 hr in a rocking
Teflon-lines autoclave. b Moisture-ash-free basis. € Unbeneficiated coal was used.
These experiments used 0.045 moles of catalyst per 4 g coal. A stirred Hastelloy
C autocalve was used. € NO = Not determined.
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Particle Size Analysis in the SRC Process by
Coulter Counter

C.W. Curtis, A.R. Tarrer and J.A. Guin

Chemical Engineering Department
Auburn University
Auburn, Alabama 36830

Introduction

This work was undertaken to develop an effective rapid technique for deter-
mining particle size of undissolved solids in the Solvent Refined Coal (SRC)
Process. Particle size distributions for SRC filter feed from the Wilsonville
SRC Pilot Plant and autoclave reaction mixtures from the Auburn Coal Conversion
Laboratorv were measured using a Coulter Counter Model TA.

The Coulter principle was originally applied to blood cell counting! and is
now widely used in the biomedical area for cell counting and size distribution.?2
Industrial use of the Coulter technique is now widespread.3 The Coulter technique
has been applied in coal research in the size analysis of pulverized coal, coal
dust, and fly-ash.4 Presently, the Coulter technique is being applied to the
study of particle size distributions in the SRC process. 1Interest in the effect
of the mean particle size in the effluent from the SRC dissolver on filtration
along with the problem of dissolver solids accumulation® has shown the need for
a reproducible method of determining particle size in SRC process streams.

Experimental

Equipment
Particle size determinations were performed on a Coulter Counter Model TA

(Coulter Electronics, Hialeah, Florida) equipped with a Model TA External Size
Calibrator II and an adjacent sample stand. The orifices normally used for the
analyses were 100, 140, 200 and 280 um.

Electron microscopy was performed using an AMR Model 1000 scanning Electron
Microscope operating at 20KV with a tungsten source and an aluminum coated detector.
The samples were coated with 60:40 gold-palladium using a Denton DV 502 vacuum
evaporator. Optical microscopy was performed using a Wild Model M21 microscope
equipped with a Polaroid MP-3 Land Camera.

Chemicals

Reagent grade ammonium thiocyanate (NH4SCN) and dimethylformamide (DMF)
obtained from Mallinckrodt prepared in a 5% solution was the electrolyte used for
Coulter analysis. Metricel alpha -8 filters with 0.20um pore size were used for
filtering the electrolyte solution. Carbowax 400 obtained from Union Carbide was
the dispersant used for optical microscopy.

Procedure

Calibration of each orifice was performed using polystyrene calibration
standards of known diameter (supplied by Coulter Electronics) dispersed in isoton.

Autoclave reaction samples and Wilsonville filter feed were sonicated using
a low energy ultrasonic bath, dispersed in the 5% NH4SCN - DMF electrolyte and
again sonicated. The samples were diluted with electrolyte and immediately
analyzed. For each sample 100,000 particles were counted and the particle size
distribution was obtained. Extensive filtering with 0.2um filters was necessary
to maintain the necessary background of the electrolyte.

For scanning electron microscopy samples were prepared by sonicating and
further diluting the Coulter samples. The particles were filtered on a 0.2um filter
and air dried. For optical microscopy, autoclave reaction mixtures were first
sonicated and then dispersed in Carbowax 400. Hanging drop as well as slide

preparations were used.
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Verification

Verification of the Coulter technique by optical microscopy can be seen in
Figure 1. Rigid polystyrene calibration spheres (9.99um in diameter supplied by
- Coulter Electronics) were measured by optical microscopy under 500x magnification
to have a diameter of 10.0um. Subsequent analysis of the polystyrene's particle
size by Coulter Counter agreed fully with the microscopy.

Results and Discussion

The Coulter technique measures the particle volume size distribution. The
smallest particles measured had a diameter of 1.5%um with an overall diameter
range of 1.59 to 128um. Al1 measurements were taken within the optimum range of
the orifice. Particle size distributions were obtained for autoclave reaction
mixtures and Wilsonville filter feed of Amax, Western Kentucky, Pittsburgh Seam,
and Monterey coals. The particle size distribution measurements for each coal
sample can be accurately reproduced within * 10%. A mean particle size is ob-
tained graphically by plotting the normalized cumulative particle volume percent
versus particie diameter and then obtaining the mean particle size at the 50%
volume Tevel. :

The initial mean particle size for unreacted coal was between 28.8 - 40.0um.
Table I shows the mean particle size in terms of particle diameter for four auto-
claved coals reacted at 4100C for three different time intervals. Under autoclave
conditions, the mean particle size varies significantly among the different coals.
Within the time range studied the mean particle size for Monterey and Pittsburgh
Seam coals remained essentially constant; however, the mean particle size of
Western Kentucky coal increased with time while that of Amax coal decreased. The
mean of Amax coal leveled off at 9.6um after 4 hours. The temporal behavior of
the particle size of edch coal can be directly correlated to its dissolution rate
and behavior. Both Monterey and Pittsburgh Seam coals dissolve very rapidly,
leaving essentially only mineral matter after 15 minutes of reaction. Amax coal,
however, is a slow dissolver which accounts for the decrease in particle size
over the time period studied. Western Kentucky coal dissolves very rapidly but
is sticky and adhesive; increasing reaction time allows the particles time to
adhere to one another forming larger particles.

The Wilsonville filter feed particle size distributions for each coal
closely resembled the autoclave reaction distribution (an example is shown in
Table II) except for Western Kentucky coal which showed a significant shift to
smaller particles. Generally, the Wilsonville filter feed distributions showed
greater variation within each sample than did the autoclave reactions resulting
in a larger standard deviation for each volume range. A comparison of the mean
particle size of Wilsonville filter feed to Auburn autoclave reaction mixtures
is shown in Figure III. For each coal the mean particle sizes compare very
closely with the exception of Western Kentucky coal. This difference can again
be attributed to the adhesive nature of the Western Kentucky particles. In the
filter feed the particles will tend to adhere to one another forming larger
particles which stay in the dissolver while the smaller particles are elutriated
out of the dissolver.

Optical and electron microscopy verified the presence, size, and character
of the particles being counted by the Coulter Counter. Optical microscopy
allowed observation of the particles in a solution matrix. Scanning electron
microscopy permitted isolation of the particles from the oil matrix and allowed
the particles to be individually observed. The unregular nature and individual
character of the particles are shown in the micrographs in Figure 2-7.

Process Applications

Filterability of a solid/liquid slurry depends on the size distribution of
the particulates entrained in the slurry as well as other factors such as vis-
cosity, adhesive forces among the particles (i.e., whether the particles are
sticky or discrete and unattractive) etc. A major objective of this work is to

126




determine whether mean particle size determined by Coulter Counter analysis can
be correlated to filterability or, more specifically, cake resistivity. To this
end: the mean particle size of particulates in the SRC dissolver effluent for
the coals studied are compared with their associated cake resistivities.
_Filtration rates for Amax, Western Kentucky and Monterey coal/oil slurries
have been extensively studied under test conditions and without the incorporation
of bodyfeed at the Wilsonville SRC Pilot Plant. Pittsburgh Seam coal/oil slurries
have only been tested with bodyfeed. Table IV shows the cake resistivities cal-
culated for the slurries run without bodyfeed. Indeed, correlations are evident
between the ease of filtration (i.e., cake resistivity) and mean particle size.
Amax coal/oil slurries which have the lowest cake resistivity and are, therefore,
the most easily filtered of the three types of slurries considered have the
largest mean particle size. Monterey coal/oil slurries have the highest cake
resistivity, are the most difficult to filter, and have the smallest mean particle
size. When screen blinding is taken into account, Western Kentucky ranks second
in filterability as well as mean particle size. Cake resistivity is a function
of the porosity of the cake which is directly related to particle volume. Particle
volume is measured directly by the Coulter technique. In conclusion, the Coulter
Counter can give a good indication of the filterability of a particular SRC process
stream and, thus, should prove to be a useful tool in optimizing operational con-
ditions: for solids separation.

The present Coulter technique has two main limitations. First, :since par-
ticles less than 1.6um are difficult to detect, the total particle size range of
the SRC effluents cannot be studied. The effect of the very small particles on
filterability is not precisely known; however, it is very 1ikely that particles
below 2um play a significant role in screen blinding. The second limitation is
that carbonaceous agglomeration of SRC itself is difficult to detect because
approximately 96% of SRC dissolves in the electrolyte. Detection of the formation
of solid agglomerates would be highly desirable; for the accumulation of solids
in the SRC dissolver has presented significant problems in processing certain
types of coals, particularly those containing high concentrations of calcium.

One reason for this accumulation, however, is commonly thought to be the formation
and growth of calcium carbonate (CaC03) crystals. Inorganic agglomeration due

to CaC0O3 crystal formation should be easily detectable by the Coulter technique
presented herein since CaC03 is essentially insoluble in DMF.

On-Tine Coulter analysis of the SRC process stream would allow immediate
detection of changes in the size distribution of the solvent stream particles.
Through on-line analysis more precise correlations between mean particle size
and filterability would be possible. Also, by monitoring the size distribution
of particulates in the upstream and downstream to the filter, a direct reading

on filtering efficiency could be obtained. Coulter analysis is also an effective
method for determining the efficiency of other solid-liquid separation techniques,
such as centrifuging and hydrocloning, currently being tested in the SRC process.
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TABLE I
Mean Particle Size of Autoclave Reacted Coals
at 15, 30 and 60 Minutes

Autoclave Conditions

Temperature: 4100C

Pressure: Hydrogen 2000 psi

Solvent/Coal: 3/1

Stirrer: 1000 rpm
Time Mean Particle Size (um)*
(min) Western Pittsburgh

- Amax Kentucky Monterey Seam

15 14.0 7.0 5.2 6.0
30 9.1 8.2 5.5 5.5
60 8.0 10.6* 4.8 6.0

*

Through subsequent calculations, the population mean can be calculated. For
e;agpée, Western Kentucky coal, reacted for 60 minutes, has a population

of 2.0um..
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TABLE 11

Particle Size Distributions of Amax Coal Autoclave
Reaction Mixture and Wilsonville Filter Feed

% Volume Distributions

Particle Diameter Amax Autoclave Amax Wilsonville
(um) 60 minute filter feed
1.59 10.9 + 0.6 10.4 + 1.8
2.00 8.7 £+ 1.2 6.3 + 1.4
2.52 6.6 + 0.64 5.7 + 0.6
3.17 5.5 + 0.35 6.7 + 0.7
4.00 5.6 £ 0.36 7.6 £ 0.8
5.04 6.4 = 0.42 9.3 + 0.7
6.35 6.9 + 0.49 8.6 £ 1.0
8.00 8.2 + 0.57 8.8 + 1.1

10.08 9.0 + 0.68 9.2 £ 1.3
12.7 9.7 £ 1.6 9.2 + 1.7
16.0 9.2 + 1.5 5.7 £ 0.8
20.2 7.0 + 1.8 4.6 + 2.0
25.4 4.6 £ 2.6 4.6 + 2.8
32.0 1.3+ 1.0 2.3+ 2.7
40.3 0.6 =+ 0.05 0.6 £ 0.1
TABLE III
Comparison of the Mean Particle Size
of Wilsonville Filter Feed and
Auburn Autoclave Reaction Mixtures
Coal Type Wilsonville Filter Feed Auburn Autoclave
Mean Particle Size Mean Particle Size
Date um um

Monterey 10-20-76 4.5

Monterey 11-15-76 3.7

Monterey 11-10-76 3.8

Monterey Average 4.0 4.8

Amax - - - - 7.2

Amax 12-19-76 6.4

Amax 1-28-77 7.5

Amax Average 7.0 8.0

Western Kentucky 4-17-76 6.8

Western Kentucky 5-29-76 4.6

Western Kentucky Average 5.7 10.6

Pittsburgh Seam 7-22-75 6.2 6.0
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TABLE IV

Correlation between Cake Resistivity and Mean
Particle Size of Wilsonville Filter Feed

Coal Cake Resistivity AP Mean Particle Size
ft/1bm (psi) (um)
Amiax 0.8 x 10'2 45 7.0 (Ref 7)
Western Kentucky 1.13 x 10]2 60 5.7 (Ref 8)
Monterey 1.22 x 102 60 4.0 (Ref 8)
- O o ( <7 | b
( ,
Figure 1 Q O O
: @ o ©
Verification of : O O L0
polystyrene particle D I
size Q () \/\\
D O O . \") <)0
o~ L0730 o
—\E/ DR, /)
Q O . O O
ONa\Y
N s o
- O,
LQ O ! - &) fa
1 cm = 20um ' - = =
Figure 2 - N :
Photomicrograph of »
Amax coal particles : i .
(suspended in Carbowax) 4
after 60 minute autoclave 4 ‘ .
reaction (500x) . '
? 1
- ‘ - . N B
' Q » ' > - ) ¢ :
. e . A

1 cm = 20um

130




Figure 3

Photomicrograph of

Pittsburgh Seam coal particles
(suspended in carbowax) after
60 minute autoclave reaction
(500x)

1 ¢m = 20um

Figure 4

Photomicrograph of

Western Kentucky coal particles
(suspended in carbowax)

after 60 minute autoclave
reaction (500x)

.1 cm = 20um

Figure 5

Electronicrograph of

Western Kentucky coal particles
(on a Metricel filter)

after 60 minute autoclave
reaction (2000x)

1 cm = 5um
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Figure 6

Electronmicrograph of
Monterey coal particles
{on a Metricel filter)

after 60 minute autoclave

reaction (2000x}

1 cm = 5um

Figure 7

Electromicrograph of
ilonterey coal particle
(on a Metricel filter)
after 60 minute autoclave
reaction (10,000x)}

1T cm = lum
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ENGINEERING DEVELOPMENT OF THE CITIES SERVICE,
SHORT RESIDENCE TIME (CS~SRT) PROCESS

MARVIN I. GREENE
CITIES SERVICE RESEARCH AND DEVELOPMENT COMPANY

P. O. DRAWER 7
CRANBURY, NEW JERSEY 08512

History and Development of the CS-SRT Process

Cities Service Research and Development Company (CSRD), the research
arm of the Cities Service Company, has been developing a process scheme
named The CS-SRT Process, for the non-catalytic, vapor-phase, hydro-
genation of carbonaceous feedstocks. The initial and primary emphasis
in our Energy Research Laboratory was to apply this technology to convert
coal into pipeline gquality gas and attractive byproduct yields of light
aromatic (BTX) liquids.

A review of the literature early in 1974 led to our conclusion that
the most productive area of process development would be that of short
residence time hydrogenation. A brief literature review has been pre-
sented in our previous paper at the 1976 ACS (San Francisco) meeting (1).

In the summer of 1974, we designed a 1-4 lb/hr bench-scale unit
capable of operation at temperatures and pressures that are scalable
within present-day, commercial technology. A cold-flow model to test
coal-hydrogen mixing injectors and to study coal-hydrogen slip velocities
was designed and constructed in Autumn, 1974. Construction of the bench-
sScale unit began in December, 1974 and was completed in June, 1975 with
the shakedown operations occurring in the Summer of 1975. The first
complete material balance run was made in August, 1975. Since that time,
over 125 runs have been made with a variety of feedstocks including
lignite, bituminous and subbitmuninous coals, oil shale, tar sands and
coal tars.

In September, 1974 work was initiated to estimate the economics in
a conceptualized, commercial application of the CS-SRT Process for
producing 250 MM SCFD of pipeline gas (and the associated byproduct BTX-
liquids) from a mine-mouth plant in the Montana/North Dakota region.

The results of this work pointed out the dramatic effect of benzene
byproduct yield on lowering the cost of services for producing pipeline
gas. In September, 1976, CSRD retained the Foster Wheeler Energy Corp-
aration to perform a breliminary engineering design and cost study of the

CS~SRT Process to validate the results of the earlier economic study.
The results of this study will be reported in a separate paper.

Further development of the CS-SRT Process is being undertaken in
several programs supported jointly by Cities Service, Rocketdyne Division
of Rockwell International, and ERDA. Experimental tests are continuing
in the bench-scale unit to explore conditions for maximizing liquids
yields and also for maximizing gas (methane, ethane) yields. Process
flowsheet studies are also being made. The next step of development
of the CS-SRT Process would require about a 6-inch diameter, pilot plant
reactor capable of processing about 100 TPD coal. This pilot-plant
would be one scaleup step away from a 12-inch diameter, single tube,
commercial-type operation.

This paper summarizes the andlysis of the bench-scale data obtained
when processing a North Dakota lignite. Some conceptual commercial
processing alternatives which appear quite attractive are also discussed.
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Experimental Apparatus

The bench-scale unit, as described in our previous paper, utilized
initially a dilute-phase, free-fall reactor with a movable quench
probe. Coal was delivered to the hydrogen-coal mixing injectors under
gravity flow from a star-wheel, volumetric feeder fed by a lock hopper.
The feeder-hopper assembly sat directly on top of the reactor.

Since the initial testing, a coal transport system was developed
to improve the running efficiency of the test program. This system
also allowed for the remote location and safe access of the coal feed-
ing equipment in an adjacent laboratory pressure cell. The transported
coal was separated in a cyclone immediately upstream of the coal-hot
hydrogen injectors and carried into the reactor. The "cold" hydrogen
was recycled back to a diaphragm compressor. The compressor diaphragms
were protected against entrained solids by use of a settling chamber
and filters located on the suction-side of the compressor.

Several other reactor designs were also incorporated into the bench-
scale unit since the initial testing. A description of these reactors
is shown in Figure 1. In these "entrained-flow" reactors, a wider range
of values of several important parameters is achieved over that of the
free-fall reactor:

Free Fall Entrained-Flow

Coal Flux, lb/hr ft2 100-300 1500~-35,000
Gas Velocity, fps 0.1-0.5 2-50
Particle Velocity, fps 0.5-8 2-50

Gas Reynolds No. 100-500 1000-6000
Particle Residence Time, sec. 0.10-4 0.05-10
Vapor Residence Time, sec. 2-30 0.05-5

The vertical entrained-flow reactor is used generally for very
short residence time studies (less than 200 milliseconds) whereas the
helical entrained-flow reactors are used for longer residence times
(c.a., 1-5 sec.). All of the reactors used in the bench-scale unit
are fabricated from stainless steel 316 alloy. A "hot wall" pressure
reactor was used as the basis of design to expedite the testing program.
The life of the hot wall reactor, even at the small diametral ratios used,
is limited because of operation at high stress levels. Therefore, care-

ful watch is maintained on the instantaneous creep strength of each reactor

and preheater vessel. Reactors are removed from service before the cumu-
lative approach equals 25% of the rupture time. All reactors are operated
in the confines of a high-pressure, explosion-proof, laboratory cell with
lockout controls during testing.

Temperature and Residence Time Measurements

Temperature of the coal-hydrogen stream is an extremely important
variable affecting the rates of hydropyrolysis under short residence time
conditions. Most experimenters involved in continuous, two-phase, coal-
gas reactions report reactant or reactor temperature as maximum reactor
wall temperature. This latter temperature can vary quite markedly from
the reactant temperature depending upon the size and mass of the reactor,

coal throughput, exothermicity of reaction, heat losses, etc. Accordingly,

we have developed several multi-dimensional, computerized, heat transfer
models for estimating reactant temperatures from reactor wall thermocouple
readings. We have also used equivalent isothermal temperature (EIT)
calculations to characterize the non-isothermal reaction conditions. EIT
has been found to be a good characterization factor in correlating trends
of hydropyrolysis yields with temperature.
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Particle residence time is another extremely important parameter
affecting hydropyrolysis yields, particulary under short residence time
conditions. 1In the case of the free-fall reactor, particles traverse
the reactor under the influence of both gravity and entrainment by
hydrogen. Char settling velocities were calculated using the Stokes
equation for narrow-size ranges of particles. Corrections were applied
for the wider-range size distributions used in the bench-scale operation
by calculating a surface-volume average particle diameter. Based on
studies by Wen and Huebler (2), corrections for gas entrainment, uneven
particle distributions and particle cloud density were also made.

For the case of entrained-flow reactors, particle residence times
are directly correlated with the superficial hydrogen velocities. For
both cases, a comprehensive experimental (cold-flow) program is underway
in order to measure accurately particle residence times in both free-
fall and entrained-flow reactors.

Coal Preparation

Wet North Dakota lignite was received in drums from the Grand Forks
Energy Research Center. Prior to drying, the lignite was reduced to
1/2-inch x 0 particle size using a rotary jaw mill blanketed with nitrogen.
Drying was done either in a laboratory, fixed-bed drier at 15" Hg vacuum
or in an industrial, fluid-bed dryer, both under nitrogen blanketing.

In both cases, the maximum lignite temperature was limited to 230-250°F.
Moisture was reduced from 35% to less than 5%. The lignite was then
pulverized using either a Sweco ball mill or a Mikropul hammer mill. In
both cases, a nitrogen atmosphere was maintained. An 18-inch, continuous
Sweco siever, fed by a Syntron vibrating feeder, was used to sieve the
dried, pulverized lignite to specification.

Immediately prior to a run, the lignite charge to the unit was dried
again, under vacuum, in the laboratory tray drier. An aliquot sample
from a riffler was.taken for every batch of coal fed to the bench-scale
unit. The analysis of this sample was used as the basis for the material
balance calculations for each run. A typical analysis was shown in our
previous paper (1).

Material Balance Calculations

As a result of using hydrogen as both the preheating gas and the
quenching gas, the coal-derived, reaction products are very dilute in
hydrogen. Liquor and aromatic oils (boiling above BTX) are condensed
using conventional indirect heat exchange. The lighter products, methane
through BTX, are measured using gas chromatography combined with cali-
brated flow meters. Rotameters, orifice meters and turbine meters are
used to measure gas flow. Redundancy in flow metering was incorporated
into the design of the bench-scale unit in order to minimize uncertainty
in calculation of the gaseous product yields.

All solid and liquid products are weighed after every run. The re-
actors were examined after each run and found to be free of deposits.

The recovery system is purged with high pressure steam after every run in
order to remove any hydrocarbons or char -that does not readily disengage

from the tubing surfaces, valves, receivers, etc. These hydrocarbons and
char are recovered from the steam condensate by extraction with ether and
are included in the material balance.

A packed cryogenic condenserowas developed to condense the residual
BTX material from the ambient (70 F) hydrogen stream after G. C. analysis.
The weighed amount of BTX liquids recovered from this condenser checked

135




with the chromatographically-determined, BTX content of the gas stream
entering the cryogenic condenser. Carbon balances of 90-105% are ob-
tainable. Hydrogen consumption is calculated both 1) by difference of
measured feed and product streams and 2) by elemental hydrogen balance
between feed and product streams. Ash balances are 90-100%. The calcu-
lated oxygen balances are 100- $10%. Nitrogen and sulfur balances are
calculated by difference because of the very low quantities of these
elements in lignite and lignite-derived, hydropyrolysis products. Gas
yields are calculated based on coal fed to the ractor and corrected to
100% carbon balance.

CS-SRT Process Technology

Mechanism
The mechanisms involved in short residence time hydropyrolysis of
coal are exceedingly complex. Coal consists of many types of structures

each with different bond strengths. The initial coal conversion reactions

are controlled by a thermal mechanism. Bond breaking will closely follow
the rapid heating profile imposed on the coal. Weak bonds will rupture
at the lower temperatures and decomposition products that are volatile
will escape the particle under the driving force of a concentration or
partial pressure gradient. As temperature is increased, stronger bonds
will break and the volatiles will follow the same escape mechanism. These
reactions are extremely rapid, of the order of milliseconds. Many of

these devolatilized species are highly reactive and will undergo secondary

decomposition reactions to form condensed and polymerized molecules gen-
erally classified as asphaltenes and char. However, these asphaltenes
can be stabilized in the bulk phase and removed as single or double-ring
aromatics by imposing the proper hydrogen partial pressure-temperature-
residence time profile.

In terms of macro-reactions, the following simplified mechanism
describes the vapor-phase, short residence time, hydrogenation process:

P Gas Hy GAs Gas

Hy + CoAL——— TAR —=—— OIL —— BenzEne
CHAR

Although benzene is very stable, it too will decompose at elevated tem-
peratures as shown by R. Graff and coworkers at CUNY (3). Extended

residence times will also result in benzene decomposition as reported by
Virk, et. al. (4). Normally, benzene decomposition in a hydrogen atmos-

phere would result in methane as the main decomposition product. However,

it appears that in the case of benzene formation via short residence time
coal hydropyrolysis, char particles catalyze the benzene-to-coke route of
decomposition. Therefore, rapid quenching of the product vapors is
necessary for the stabilization and recovery of aromatic liquids. The
quantitative sequence of the in situ hydrogenatlon of tars to heavy oil
to light aromatics is shown in Figure 2.

Coal Oxygen Reactions

Processing of lignite, because of its high oxygen content, provides
some interesting observations about the mechanism of short residence time
hydropyrolysis. The gaseous products obtained at very short residence
time were rich in carbon dioxide while those obtained at longer residence
time were depleted of essentially all carbon dioxide. This lead to the
conclusion that one of the initial reactions of short residence time
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hydrogenation of lignite is the pyrolysis of carboxylic oxygen struct-
ures (decarboxylation). This agrees with the work reported by James
Johnson at IGT (5). Once into the vapor phase, carbon dioxide hydro-
genates to form carbon monoxide and water by the reverse water-gas

shift reaction. Carbon monoxide will react further with hydrogen to
form methane and additional water by the methanation reaction. These
relationships are shown in Figures 3 and 4 which show the yields of
water and methane respectively as a function of C02/CO ratio. The fact
that these relationships were found in the 1/4-inch entrained-flow
reactor and in the l.l-inch, free-fall_ reactor, where the surface/volume
ratio varied from about 50 to 500 in ~~, tends to indicate that these
vapor-phase reactions were not catalyzed by the SS 316 reactor wall.
Equilibrium calculations of the reactor effluent also show that a) methane
is approached from the carbon monoxide side of the steam-reforming
reaction and b) carbon monoxide is approached from the carbon dioxide
side of the water-gas shift reaction.

Coal Hydrogen Reactions

Another feature of the CS-SRT Process (as well as many other direct
coal hydrogenation processes) is .the utilization of coal hydrogen. Coal
dehydrogenation increases continuously as hydrogenation severity and
coal conversion are increased. During the initial pyrolysis stage of
short residence time hydrogenation, the rate of coal dehydrogenation is
increasing faster than hydrogen is being consumed. The rate of coal de-
hydrogenation appears to reach a maximum at about 30% carbon conversion
as shown in Figure 5. At this point, approximately 50% of the hydrogen
consumption is coming directly from the coal. This point also corre-
sponds to the end of the pyrolysis mechanism and the initiation of the
char hydrogenation stage. This is not surprising since 30% carbon con-
version corresponds to 43% coal (MF basis) conversion which is identical
to the ASTM volatile matter for lignite.

Furthermore, at carbon conversions greater than about 30%, hydrogen
partial pressure has a pronounced effect on carbon conversion. The flux
of volatiles escaping the coal particles decreases greatly above the 30%
carbon conversion level. This results in increased hydrogen counterdif-
fusion into the char structure allowing more reaction between hydrogen and
carbon sites. Higher hydrogen pressures greatly influence the diffusion
of hydrogen into the particle. This is shown in Figure 6 and agrees with
the work of James Gray and coworkers at PERC (6).

Rapid-Rate Carbon

One of the principal correlation tools of short residence time
hydropyrolysis is the rate of conversion of rapid-rate.carbon (7). The
latter is a measure of the total theoretical amount of coal carbon that
can be converted under "rapid" hydrogenation conditions. The rate itself
is proportional to hydrogen partial pressure and the amount of rapid-rate
carbon material remaining. Rapid-rate carbon is a function of coal type,
particle size, temperature and pressure and is a difficult parameter to
measure. Although this kinetic tool cannot be used as a predictive tech-
nique unless all of these functionalities are known, it can be used to
demonstrate the relative effects of different hydropyrolysis data ac-
quisition methods. °

When- processing a lignite at about 850°C, researchers (7) utilizing
a captive sample technique for data acquisition reported a pseudo-rate
constant of 50 atm™* hr~™*. Calculation of the pseudo-rate constant
from free-fall reactor test gita reported in the literature (8) results in
a value of about 8 atm™ hr for lignite. Both sets of data were based
on the assumption that the rapid-rate lignite carbon available for rapid
hydrogenation is 100%. If the actual rapid-rate carbon for lignite is less
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than 100%, then the respective pseudo-rate constants would both show
corresponding increases.

The pseudo—gite constant for lignite at 850°C for the CS-SRT Process
is 230 atm ~1 nr 5 to 30 times greater than that of the literature
data, respectively. This CS-SRT pseudo-rate constant was based on data
obtained with the turbulent, entrained-flow reactor equipped with a
highly efficient, coaxial, coal-hydrogen mixing injector. Thus, it can
be seen that in order to maximize carbon and thermal efficiencies in the
.conceptual CS-SRT reactor, it is imperative to utilize a reactor design
based on data acquired from a bench-scale unit that has been operated under
conditions closely scalable to the commercial reactor concept.

CS-SRT Conceptual Process

A conceptual plant design for producing 250 MM SCFD of pipeline gas
and 6300 BPD of aromatic liquids has been developed. The design was based
on data obtained when processing a North Dakota lignite in the bench-scale
unit. Several alternative processing sequences have been examined but an
optimization has not been undertaken. When more definitive test data be-
come available, as would be generated in a pilot plant, a conceptual process
optimization will be performed. The balance of this paper deals with the
processing requirements about the reactor system including coal drying,
coal feeding, SRT-reactor designs and quench. Details of the downstream
processing, hydrogen production and offsites are presented in another
paper at this meeting.

Design Basis
After careful analysis of the CS-SRT Process data and patents, the

following reactor design basis was established for the conceptual plant:

1. "Slow" heating of coal to the incipient devolatilization temper-
ature in order to increase thermal efficiency;

2. "Rapid" heating of coal from the incipient devolatilization tem-
perature to hydrogenation temperature in order to maximize rate
of conversion;

3. Use of the reactant, hydrogen, as the heat carrier in order to
minimize the number of streams to be handled;

4. Total residence time less than two seconds;

5. Rapid quenching of product vapors to prevent secondary decom-
position reactions:

6. Recovery of high temperature heat from the reactor effluent.

Coal Drying

Lignite drying on the commercial-scale typical of an SNG plant has
an energy requirement of about 16 billion BTU/day which equates to about
5.5% of the heating value (HHV) of the lignite. In conventional drying
methods, this heat is supplied from hot combusted fuel gas. Efficient
lignite drying is a relatively new technology and conventional processes
have been applied to reducing the moisture from 35% to only about 10-15%.
In the case of the CS-SRT Process, any moisture entering the reactor will
be evaporated at the relatively high SRT reaction temperatures. This
heat duty will of course come from the hot recycle hydrogen stream. There-
fore, a design specification of 3% lignite moisture was set in order to
improve the reactor heat balance. Reduction to 3% using conventional
drying technology may prove difficult due to the long residence times
required in gas conveyor-type dryers.

To circumvent thesesproblems, coal drying in the CS-SRT Process will
make us of the large quantity of low level heat available in the form of
60 psi steam. This steam is associated with the inefficiencies in the
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many processing steps in all coal conversion plants. In the CS-SRT Process,
it is believed that 60 psi steam will account for about 5% of the heating
value of the coal fed to the plant. .

Furthermore, advantage is taken of the boiling point depression of
water as a result of the azeotrope formed between water and benzene (156 F,
1 atm, 30 mol% water, 70 mol% benzene). Benzene is chosen since it is
a byproduct of the CS-SRT Process thereby minimizing the handling of
additional chemicals. Accordingly, wet lignite will be pulverized and
slurried with benzene as shown in Figure 7. The slurry will then be fed to
an ebullated-bed contactor where it is heated by an inert recycle gas stream.
The gas sStream will obtain its heat by indirect heat exchange with the
60 psi steam source. Proper design of the ebullated-bed, which falls with-
in Cities Service's LC-Fining technology, will result in the vaporization
of the benzene-water azeotrope. Condensation of the azeotropic vapors
results in the recovery of a relatively pure liquid benzene stream and a
liquid water stream. The benzene is recycled and this water, generated
internally within the process, will be available for plant use in the
gasifiers or shift reactors. This water can account for approximately 40%
of the total process water needed in the CS-SRT complex and can result in
water savings of about 2000 acre-ft/yr.

The "dried" coal-benzene slurry will be drawn from the ebullated-bed
with less than 3% water content. The slurry will now readily be avail-
able for downstream processing in the coal feed section.

Coal Feeding

Since the CS-SRT Process utilizes a pressurized gasifier, it has the
same problems regarding the feeding of coal into a pressure vessel as do
other pressurized gasification processes, such as BI-GAS, HYGAS, and
SYNTHANE. One major difference and advantage is that the CS-SRT Process
produces benzene, a solvent that can be used to maintain a pressure seal.
Therefore, the low pressure, lignite-benzene slurry from the coal drying
section will be pumped to system pressure with a positive displacement
injection pump. The benzene will be subsequently flashed away from the
lignite in a drier near its critical point. Benzene content of the dried
coal should be extremely low as a result of the purging effect of the
benzene~free, fluidizing gas.

Lignite with less than 3% water and at system pressure will then be
delivered to a dense-phase transport system (see Figure 8) similar to that
described by Rocketdyne Division of Rockwell International (9). Laboratory
tests have-shown lignite dried from a benzene slurry to be free-flowing.
It is believed that the small quantity of benzene remaining in the coal
pores will enter the reactor and be carried through along with the product
gases without undergoing decomposition.

Reactor Design
Rapid heating of coal may be achieved by mixing hot recycle hydrogen

with the dense-phase, transported coal in an injector assembly at the in-
let of the reactor. With properly designed injectors, mixing is rapid on
the order of a few milliseconds. Once mixed the coal and hydrogen will
traverse the reactor upwards under conditions of fast fluidization to
allow intimate contact between hydrogen and coal particles. The temper-
ature and flowrates of the hot recycle gas and coal respectively will be
set to allow the CS-SRT reactions to proceed adiabatically and exotherm-
ically. The recycle hydrogen/coal ratio is a critical parameter affecting
not only the reactor heat balance and reactor kinetics but also the cost
of downstream processing equipment.

As a result of the rapid heatup and short residence time features of
the CS-SRT Process, extremely high coal throughputs are possible, of the
order of 2000 1lb/hr ft3 of reactor volume. For the case of a 250 MM SCFD
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plant (and associated BTX production), only three reactors will be re-
quired, each capable of processing roughly 200 TPH coal through a 3 1/2
ft inside diameter.

Multi-Tube Reactor Concept

The combination of operating at a minimum hydrogen/coal recycle ratio
under exothermic conditions can result in excessive temperature rises.
This could result in loss of valuable benzene due to the adverse kinetics
favoring benzene decomposition. Furthermore, since coal is being trans-
ported in dense-phase in a series of tubes to a multi-element injector
assembly, a multi-tube reactor concept appears plausible.

Accordingly, a multi-tube, high pressure reactor with internal heat
exchange is being developed. High pressure steam generation (1500 psi)
can be used on the coolant side to maintain an isothermal tube wall.
However, by using a coolant, such as a molten metal, heat can be absorbed
non-isothermally while allowing control of the temperature profile within
the reactor tube. This heat can also be used for high temperature heat
exchange elsewhere in the process. Control of the reactor temperature
profile will afford the plant operator the ability to vary product spectrum,
conversion and turndown.

In one conceptual case, molten sodium is used to 1) control the
reactor temperature profile and 2) limit tube wall temperature in contact
with coal-hydrogen reactants to 1200°F. Other molten metal systems, such
as molten lead or a 22% sodium/78% potassium eutectic, are also under
consideration. The reactor design might consist of 12 alloy heat transfer
tubes containing the reactants at system pressure. The tubes are immersed
in the molten metal environment, also at system pressure, within a re-
fractory-lined pressure vessel. The tubes will be about 12-inches in
diameter and fit within the 3 1/2 ft. i.d. vessel. The major advantages
of this reactor design are believed to be:

1. High coal throughput per volume of reactor;

. Excellent turndown (8-100% full capacity);

. Excellent reactor temperature control;

. Overcomes heat transfer limitations of conventional pressure
vessels;

5. Potential low risk to scaleup from pilot operations.

W N

Molten Metal Heat Exchange

High thermal efficiency in the CS-SRT Process may be achieved by
recovery of the high temperature heat of the reactor effluent. However,
this has to be accomplished within the constraints of rapid quenching.
This problem has been recognized and solved in the associated technology
of ethylene production via steam cracking (10,11). 1In the latter refer-
ence, indications are that molten metal is used to rapidly gquench steam
cracker effluent while at the same time recovering high temperature heat.
Quenching requirements for ethylene production are even more stringent
than for the CS-SRT Process, of the order of 10-~15 milliseconds compared to
about 100 milliseconds.

A molten metal heat exchanger system has been conceptualized and
applied to the CS-SRT Process. The bulk of the heat stored in the molten
metal results from heat recovery in the reactor effluent quench exchanger.
This heat can then be exchanged to provide the duties for recycle gas
preheating, coal moisture removal and coal-benzene slurry drying. These
total duties are equivalent to about 7.5 thermal efficiency points.

Our calculations have shown that this concept is feasible from both
a process and a metallurgical standpoint. The concept utilizes molten
metal technology already developed for the Clinch River breeder reactor.
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Studies of the economics and optimization of this molten metal technology
to the CS-SRT Process are continuing.

Conclusion

Bench-scale testing with a North Dakota lignite has shown that the
CS-SRT Process scheme may be an attractive process for converting coal
to pipeline quality gas, ethane and BTX liguids. Production of BTX liquids
(and ethane feedstock for ethylene production) in the CS-SRT Process is
a key factor in lowering the overall cost of services for producing SNG
from coal. As a result of the rapid heatup, short residence time and rapid
quench features of the process, a simple, high throughput reactor concept
may be utilized without suffering loss in conversion and undesirable,
secondary-decomposition reactions.

In order to maximize carbon and thermal efficiencies in the con-
ceptual CS-SRT reactor, it is imperative to utilize a reactor design based
on data acquired from a bench-scale unit that has been operated under
conditions closely scalable to the commercial reactor concept.

Flowsheet studies of the CS-SRT Process have resulted in identifying
several promising processing steps applicable to coal gasification:

1. Drying of coal using azeotropic benzene vaporization in an
ebullated-bed contactor;

2. Multi-tube, high pressure, entrained-flow reactor concept with
internal heat exchange and low scaleup ratio to commercial
operation;

3. High temperature, heat recovery using molten metal heat exchange.

The next step of development of the CS-SRT Process would require
about a 6-inch diameter, pilot-plant reactor capable of processing about
100 TPD coal. This pilot-plant would be one scaleup step away from a
12-inch diameter, single tube, commercial-type operation.
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LIQUID FUELS FROM LOW Btu GAS: DILUTE PHASE
FISCHER-TROPSCH SYNTHESIS

John L. Cox and Ed Baker

Battelle Pacific Northwest Laboratory
Richland, WA.

Methods of producing liquid hydrocarbons from coal and other solid
carbonaceous substrates may be roughly characterized as direct or
indirect. Direct methods include various pyrolysis and catalytic hydro-
genolysis techniques. which are described in the literature (1,2).
Indirect liquefaction methods first gasify the carbonaceous substrate
to produce a synthesis gas which can then be converted into liquid
hydrocarbons. The composition of the synthesis gas can be tailored
to fit the needs of the subsequent hydrocarbon synthesis by proper
choice of gasifying conditions, gasifying agents, CO-shift conversion
and removal of undesirable constituents. Extensive investigations have
been made on the use of synthesis gas composed of Hy and CO for
producing liquid hydrocarbons suitable as fuel and specialized chemicals.
These reactions are categorically referred to as the Fischer-Tropsch
synthesis although significant contributions have been made by a
number of different investigators. The Fischer-Tropsch synthesis has
been almost exclusively used with synthesis gas consisting of pure Ha
and CO of various stoichiometric ratios. 1In the following discussion
a new application of this old technology for indirect coal liquefaction
will be presented. This application consists of using synthesis gas
diluted with inerts such as Njp, CHg4 and CO2 and is referred to as the
Dilute Phase Fischer-Tropsch Synthesis.

CONVENTIONAL FISCHER-TROPSCH SYNTHESIS

The synthesis of hydrocarbons from Hy and CO has been of consid-
erable academic and practical interest since the discovery of methane
synthesis by Sabatier in 1902. These simple reactants constitute
the necessary building blocks for producing a large spectrum of essential
organic chemicals and fuels. The synthesis has been reviewed several
times over the past 50 years by Vannice, (3) Pichler, (4) Anderson, (5,6)
Hofer, (7) and Storch et al. (8)

The diversity of the conventional Fischer-Tropsch synthesis is
demonstrated in Figure 1. It is evident that a considerable spectrum
of hydrocarbons can be obtained from pure H, and CO synthesis gas by
proper choice of reaction conditions. The choice of catalyst is perhaps
the most critical variable in the synthesis although pressure, tempera-
ture, Hy/CO ratio and space velocity or residence time are clearly
important in determining product composition. Methane is the predominant
product with nickel catalysts over a considerable pressure range at
200-300°C. Paraffins and olefins are produced over iron and cobalt
catalysts in both the low (1 atm) and medium (5-20 atm) pressure
synthesis at 185-300°C. At higher pressures (~ 100 atm) and tempera-
tures (~400°C) the product over iron catalysts consists mostly of
oxygenated hydrocarbons (Synthol). High molecular weight (100,000~
200,000) paraffins are produced with ruthenium catalysts at 100-1000
atm pressure and 200-250°C. Methanol and higher alcohols are obtained
from zinc oxide and alkali promoted zinc oxide catalysts, respectively,
at high pressures (100-300 atm) and temperatures of 250-350°C. Using
difficult to reduce metal oxide (ThOj;, Al303 + 2n0) catalysts at high
pressures and temperatures of 400-500°C aromatics, naphthenes and
iso-paraffins are produced.
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DULITE PHASE FISCHER-TROPSCH SYNTHESIS

In spite of the extensive work on the Fischer-Tropsch synthesis,
little attention has been directed at employing diluted synthesis gas
. in the synthesis. Dilute synthesis gas is similar in composition to
low Btu gas. It is obtained by gasifying carbonaceous material with
air~steam or oxygen enriched air-steam mixtures. Contrary to gasi-
fication with Op-steam, the gas will contain moderate to high
concentrations of nitrogen. The work that has been done with dilute
synthesis gas, although sketchy, indicates that significant yields
of liquid hydrocarbons can be obtained with conventional Fischer-
Tropsch catalysts. Hall and Smith (9) examined the effect of nitrogen
dilution on the F-T synthesis; the results are summarized in Table 1.
As with non-diluted synthesis gas at constant temperature, the yield
of product per volume of synthesis gas decreased with increasing space
velocity. Furthermore, at constant space velocity replacement of
synthesis gas with nitrogen results in an increase yield of liquids
plus solids per cubic meter of 2H, + 1CO. This is readily seen by
comparing yields of the first witﬁ the second row at 1 atm and the
fourth with the fifth row for the 10 atm synthesis. Gibson and Hall
(10) studied the F-T synthesis with diluted synthesis gas over a
Co-Th02-MgO~kieselguhr catalyst concluding that the dilution affected
the rate of synthesis by reducing the partial pressure of reactants
(2Hp + 1CO0). Dilution of the synthesis gas was also observed to
increase the proportion of the low-boiling product. The observed
variation in liquid product and CO conversion with dilution by these
investigators is shown in Figure 2. Although the yield per unit volume
of gas will be less in the dilute phase F~T synthesis, the product
composition is likely to be similar to conventional F-T synthesis under
similar operating conditions. A typical product composition over a
cobalt catalyst in the conventional F-T synthesis is shown in Figure 3.

UTILITY OF DILUTE PHASE F-T SYNTHESIS

In the preceding section we have shown that dilute phase F-T
synthesis can be used to obtain liquid hydrocarbons from synthesis
gas (Hp + CO) that is highly diluted with Ny, CH4 and COp. With this
capability, the dilute phase Fischer-Tropsch synthesis is viewed as
an add-on facility where liquid hydrocarbons are obtained as a byproduct
from low Btu gas. Although any low Btu gas could be used in the
synthesis, in situ generated low Btu coal gas has been used to carry
out preliminary engineering and economic feasibility studies. The
conceptualized process is shown in Figure 4. Stepwise, coal is first
gasified in situ with air. The in situ generated gas is then sub-
jected to a gas clean-up where H2S, H20, CO2 and dust are removed.
This is followed by dilute phase F-T synthesis and product fractiona-
tion to obtain the liquid hydrocarbon byproduct from the low Btu gas.
Material balance calculations based on situ coal gasification data by
Brandenberg et al. (13) and the dilute phase F-T synthesis data of
Gibson and Hall (10) for a 50,000 bbl/da plant are shown in Table 2.
Hence, 86 x 108 SCF/da of air is used for the in situ gasification of
2.16 x 10° ton/da of coal. The removal of impurities provides 147.7
x 108 scF/da of dry, dilute, low Btu (152 Btu/SCF) synthesis gas.
Dilute phase F~T synthesis yields 50,000 bbl/da of liquid byproduct
with the primary product being 121.0 x 108 SCF/da of low Btu (148 Btu/
SCF) fuel gas. The liquid yield amounts to 1/4 bbl/ton of in situ coal
gasified. The liquid would be sulfur and nitrogen free and estimated
to contain up to 25% olefins with 57% boiling below 150°C and 34%
boiling between 150-270°C.
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TABLE 1. Effect of Diluted Synthesis Gas on F-T Synthesis
(Co-ThO2-MgO-kieselguhr catalyst)
Space Yield of Liquids and
Temperature Pressure Feed Gas Composition velocity Solids
°C atm volume % he! o/m’
H2 <0 N2 (202 CH4 Feed Gas 2H2+1C0
193 1 68.7 30.0 1.0 -- 0.3 184 109.2 110
193 1 58.2 24.2 16.3 -- 1.3 91 106 127
193 1 4.4 26.7 28.8 -- 0.1 133 87.8 123
192 10 62.0 31.5 4.0 2.5 -- 13 106 113
193 10 41.8 20.0 35.1 3.1 -~ 138 12 120
TABLE 2. Process Stream Compositions
Process
Stream
¥ Description Composition, Vol. or Wt. % Flow
1 Air 80 N, 20 0, 86 x 10° scF/da
2 Coal 6.3 HZO’ 18.4 ash, 0.5 S, 4.6 4, 55.3 ¢, 2.16 x ‘05 tn/da
0.7 N, 14.20
3 Low Btu gas 26.9 H,0, 12.2 H,, 6.1 CO, 0.6 0,, 36.5N,, 253 x 108 SCF/da
(102 Btu/sCF) 3.3 CHy 0.0 €, 10.0 €0, 0,05 s 2
-3 CHy, 0.4 Cy, 14, s 0. ,
4 Scrubbed gas impurities ? dust, 0.12 HZS' 64.8 H20, 35.0 (302 105 x 108 SCF/da
5 Dry dilute phase 20.7 HZ’ 10.3 €0, 1.0 02, 61.8 NZ’ 147.7 x 108 SCF/da
synthesis gas
(152 Btu/SCF) 5.6 CHy, 0.7 C)
6 Synthesis product and 0.35 CqH, 4(esﬂn.), 8.1 H,, 4.6 CO, 133.6 x 108 SCF/da
unconverted gas .
69.6 NZ’ 6.5 CH4, 1.7 CZ’ 8.8 HZO’
0.2 Ca, 0.2 C4
7 Liquid hydrocarbon Cylly 4(estm.)‘ density = 0.85 g/ch(estm.) 5 x 101 bb1/da
8  Low Btu gas 8.9H,, 5.1 €0, 76.5 Ny, 7.1CHy, 1.9 C, 121.0 x 10° sCF/da
(148 Btu/sCF) 0.2¢5, 0.2¢,
9 Hater 100 1,0 11.9 x 10% scr/da

149




PROCESS ECONOMICS

Preliminary economics have been calculated for the conceptualized
dilute phase F-T synthesis coupled with in situ coal gasification.
These calculations, based on the material balance shown in Table 2
and certain necessary assumptions, indicate that high quality sulfur-
free liquid fuels can be produced for as little as $13/bbl. This
assumes use of an iron catalyst costing $0.10/1b, low Btu gas from
in-situ gasification at $0.43/MM Btu as described by A. D. Little, (11)
and a 10% return on capital investment.

The cost of the liquid fuel produced is highly dependent on
capital investment and raw materials costs so any increase in space
velocity or increase in yield would significantly reduce the cost of
the liquid product. Likewise an increase in the cost of raw materials
(low Btu gas, catalyst, etc.) would increase the liquid fuel cost. The
influence of these variables on liquid fuel cost is shown in Table 3.
These liquid fuel costs are based on a 10% return on investment anf a
six month ca&alyst life. Two different space velocities, 1000 hr
and 2000 hr have been used in the calculations. The parenthesized
cost figures are for the 2000 hr~~ space velocity operations. The
economic incentive for operating at higher space velocities or larger
through-puts is clearly evident from the data in Table 3. It is also
evident from the tabulated data that as the catalyst cost increses so
does the benefit from operating at higher space velocities.

TABLE 3. Liquid Fuel Cost

Product Cost $/bbl

Cost of Low Btu Gas $/MM Btu

Catalyst Cost $0.43 $0.75 '$1.00
$0.10/1b 13 (12) 18 (16) 21 (20)
$1.00/1b 23 (16) 28 (21) 32 (25)

Total capital investment for a dilute pahse F-T fac111ty produc-
ing 50,000 bbl/da of liquid fuels would be $300-400 million in 1976
dollars. The major processing unit required is the synthesis reactor.
Cost of the reactors is about one third of the total capital investment
because of the large heat transfer area required to maintain proper
control of reaction temperature. The heat of reaction will be recovered
by generating steam to be used as process feed, in steam driven pumps
and compressors, and for electrical power drives. Types of reactors
that could be used range from a simple vertical boiler with catalyst
packed in the tubes to a design where the catalyst is sprayed on the
Jheat transfer surface. (12)
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CONCLUSIONS

The dilute phase F-T synthesis is a new application of old
technology. It provides a means of obtaining significant yields of
liquid hydrocarbon byproduct from low Btu gas. Since the low Btu
gas is obtained by gasifying with air in place of oxygen the need
for separating 07 and N is eliminated. Engineering and economic
evaluations were made of dilute phase F-T synthesis coupled with in
situ coal gasification. The complex wag scaled to produce 50,000
bbl/da of ligquid byproduct and 121 x 10° SCF/da low Btu (148 Btu/SCF)
fuel gas primary product. Considering such economic factors as
return on capital investment, catalyst cost and life, space velocity
and low Btu gas cost, the liquid product cost was estimated to be
between $13-35 bbl. The most significant contributions to the product
cost were identified as return on investment, capital cost and catalyst
cost. Technical indications are good that significant reductions can
be made in the latter two areas which will improve the overall
economics.
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ECONOMIC COMPARISON OF COAL FEEDING SYSTEMS IN COAL
GASIFICATION--LOCK HOPPER VS SLURRY

William C. Morel

U.S. Department of the Interior, Bureau of Mines
Process Evaluation Office--MMRD
P.0. Box 880
Morgantown, West Virginia 26505

INTRODUCTION

Coal feeding to the various pressurized coal gasification processes presents
certain technical problems that will have to be solved. Two feeding systems being
considered are the lock hopper and coal slurry. The coal slurry system has the
advantage of being simple to operate with a good reliability, but erosion problems
in the circulating pumps and injection valves will have to be solved. The lock
hopper system has the advantage of feeding a dry coal without solvent dilution, but
will also have erosion problems in the valves and will require a complex cycle con-
trol system.

An economic comparison was made of the two feeding systems based on the Bitu-
minous Coal Research's Bi-Gas process using a Western Kentucky No. 11 coal, assum-
ing the two systems are technically feasible. The estimates are based on January
1976 cost indexes. Average selling prices of the gas were determined by using
discounted cash flow rates of 12, 15, and 20 percent at various coal costs. No
inflation factors are considered for the 1ife of the plant. Pollution abatement
considerations have been incorporated. Some of the economic and technical details
of the Bi-Gas process are included.

Lock Hopper System

The Bi-Gas process is a two-stage coal gasification system to convert bitu-
minous and subbituminous coal to a high-Btu pipeline gas. Figure 1 is a flowsheet
of the process (1) and includes the following steps:

1. Coal preparation, which includes crushing, screening, sizing of the run-
of-mine coal, and conveying the sized coal to the lock hopper feeding system (2)

(not shown in figure 1).

2. In the upper section of the gasifier, coal contacts the hot synthesis gas
produced in the lower section and is partially converted to methane and more synthesis
gas. The entrained char in the raw product gas is separated and recycled to the
lower section, where it is gasified to produce synthesis gas and heat required in the
upper section.

3. Shift conversion of the synthesis gas to H2:CO ratio of 3.1:1.

4. The hot-carbonate purification system reduces the C02 content of the shifted
gas to 0.5 percent and removes essentially all the HZS and COS. Zinc oxide towers
are provided for residual sulfur cleanup.

5. The heating value of the clean gas is increased to 946 Btu by reacting
hydrogen with 99.8 percent of the CO in the presence of a nickel catalyst to form
methane and water.

6. After gas cooling, the moisture content of the product is reduced to 7
pounds per million standard cubic feet.

The gasifiers are designed to operate at an outlet pressure of 1,160 psig and
at maximum temperatures of 1,700° F and 2,700° F for the upper and lower sections,
respectively. The thermal efficiency of the plant, using a Western Kentucky No. 11
coal, is 65.3 percent, based on a coal heating value of 13,070 Btu per pound.
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Slurry Feeding System

The pulverized coal is mixed with hot condensate to produce a 50-50 weight-
percent coal-water slurry and then raised to the system pressure of approximately

1,200 psig with triplex reciprocating pumps.

After being preheated to 430° F, the

coal slurry is dried in a spray dryer with gasifier product gas that vaporizes the

water.

The coal and humidified gas at 660° F flow to a cycle separator where the

coal drops into a coal hopper and is pneumatically fed to the upper section of the

gasifier.

This feeding system (3) is illustrated in figure 2.

The rest of the inte-

grated plant, (4) shown in figure 3, is the same as described in the lock hopper sys-
tem except for some changes in the shift conversion, gasification, and heat recovery

units owing to shifting of heat loads.

same as that of the lock hopper system--65.3 percent.

Capital Investment

The thermal efficiency of the plant is the

An economic evaluation was made of an integrated plant sized and designed to
produce 250 million scf of high-Btu gas (946 Btu/scf) by two-stage gasification of
Western Kentucky No. 11 coal followed by shift conversion, purification, methanation,
The total investment is estimated to be $533.3 million for the
lock hopper system, or $92.4 million higher than for the coal slurry system.

Table 1 is a capital requirement comparison of the two feeding systems. Detailed
cost summaries of the major processing units are not included, but the costs of the

and pollution control.

individual units are listed.

General facilities include administrative buildings,

shops, warehouses, railroad spurs, rolling stock, roads, waste water treatment, and

fences.

The costs of steam and power distribution, cooling water towers, plant

and instrument air, fire protection, and sanitary water are included in plant utilities.

Operating Cost

Table 2 presents the estimated operating cost comparison for the lock hopper and

coal slurry feeding systems.

An assumed 90-percent operating factor allows 35 days

for downtime, two 10-day shutdowns for equipment inspection and maintenance, and 15
days for unscheduled operational interruptions.
overhead at 30 percent of payroll, and depreciation at 5 percent of the subtotal for
depreciation, allowing credit for sulfur recovered at $25 per ton, and with the cost
of coal as a variable, the following operating costs are derived:

With labor at $6 per hour, payroll

Per year, MM Per MMBtu
Cost of coal| Lock hopper Slurry Lock hopper Slurry
per ton system feeding system feeding
$11 §128.0 $115.8 $1.64 $1.48
13 137.1 125.0 1.75 1.60
15 146.3 134.1 1.87 1.72

Based on a'330-day operating year for-the plant and allowing credit for sulfur
produced, with coal costs and discounted cash flow (DCF) rates as parameters, the
average selling prices of the gas per Mscf and per MMBtu for the two systems are shown

in the following table:

Coal | Gas selling price

cost, Dollars per Mscf Dollars per MMBtu
dol- | 12-pct DCF] 15-pct DCF[20-pct DCF | 12-pct DCF | 15-pct DCF | 20-pct DCF
lars |Lock Lock Lock Lock Lock Lock

per |hop-| Coal {hop-| Coal (hop-| Coal | hop-| Coal | hop-| Coal | hop-| Coal

ton_ !per |slurry|per |slurry|per {slurry| per |slurry| per [slurry| per [slurry
17 12.61[ 2.28 [2.97] 2.58 [3.64] 3.13 | 2.76| 2.47 | 3.4 2.73 | 3.85] 3.31
13 12.72] 2.39 [3.08{ 2.69 (3.75| 3.24 | 2.88| 2.53 | 3.26| 2.84 | 3.96] 3.42
15 _12.83] 2.50 {3.19] 2.80 |3.86] 3.35 | 2.99] 2.64 | 3.37| 2.96 | 4.08| 3.54
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The DCF computer program takes into account the capital expenditure, based on
100-percent equity, prior to startup so that the interest during construction is
deleted from the capital requirement. Provisions are made for recovery of the work-
ing capital in the 20th year.

Unit Cost Summary

The selling price used to determine the high-cost elements in the process was
based on a 15-percent DCF for a 20-year project life, with coal at $13 per ton. A
breakdown of the cost elements for the two systems is shown in table 3.

SUMMARY

As noted in table 1, the lock hopper feeding total investment is $92.4 million,
or 21 percent higher than the slurry feeding system investment. Approximately $69
million is attributed to difference in feeding systems.

The operating cost of the lock hopper system is about 10 percent higher than
that of the slurry feeding system. Increases in maintenance, overhead, and indirect
and fixed costs, which are directly related to the capital investment, represent the
main difference.

The average selling price was based on three coal costs ($11, $13, and $15 per
ton) and three DCF rates of return (12, 15, and 20 percent). Over this range the
selling price for the lock hopper system increases from $0.33 to $0.51 per Mscf of
product, or $0.35 to $0.54 per MMBtu. This increase is approximately 15 percent.

CONCLUSION

Results of this study indicate the slurry feeding system is more economical
than the lock hopper system, when used to feed a high-pressure (1,200 psig) two-
stage gasifier in the Bi-Gas process. It must be kept in mind, however, that this
study was conducted under the assumption that the technical problems for both the
coal slurry and lock hopper systems have been solved.
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TABLE 1. - Capital requirements, comparison of

lock hopper system with slurry feeding system

Lock hopper

STurry feeding

Unit sys tem system Difference
Coal preparation........ $14,295,400 $14,295,400 0
Slurry preparation...... - 16,435,000
Lock hopper system...... 85,178,000 - |$+68,743,000
Gasification............ 20,698,500 20,698,500 0
Heat recovery No. 1..... 3,402,400 - +3,402,400
Dust removal............ 2,341,100 2,341,100 0
Shift conversion........ 10,033,200 7,700,000 +2,333,200
Heat recovery No. 2 or 1 8,143,900 23,392,600 -15,248,700
Purification............ 75,713,300 75,281,100 +432,200
Methanation............. 18,782,900 18,782,900 0
Heat recovery No. 3 or 2 21,718,000 21,718,000 0
Drying....cocvvennennnnn 873,500 873,500 0
Oxygen plant............ 51,975,000 51,975,000 0
Sulfur recovery......... 2,312,500 2,312,500 0
Flue gas processing..... 16,033,300 16,033,300 0
Steam plant............. 22,822,500 20,910,000 +1,912,500
Plant facilities........ 26,574,200 21,956,200 +4,618,000
Plant utilities......... 38,089,700 31,470,500 +6,619,200
Total construction...... 418,987,400 346,175,600 +72,811,800
Initial catalyst
requirements.......... 2,559,800 2,348,100 +211,700
Total plant cost........ 421,547,200 348,523,700 +73,023,500
Interest during
construction.......... 63,232,000 52,278,600 +10,953,400
Subtotal for )
depreciation.......... 484,779,200 400,802,300 +83,976,900
Working capital......... 48,477,900 40,080,200 +8,397,700
Total investment... 533,257,100 440,882,500 +92,374,600
159



TABLE 2. - Annual operating cost,
comparison of lock hopper system with slurry feeding system

Lock hopper

Slurry feeding

Cost item system system Di fference
Direct cost:
Raw materials:
Coal at $11/ton........ $50,294,400 $50,294,400 0
Raw water.............. 1,176,100 1,211,800 $-35,700
Catalyst and chemicals. 2,517,300 2,504,200 +13,100
Methane................ 455,600 455,600 0
Subtotal........... 54,443,400 54,466,000 -22,600
Direct labor.............. 2,470,300 2,522,900 -52,600
Direct labor supervision.. 370,500 378,400 -7,900
Subtotal........... 2,840,800 2,901,300 -60,500
Maintenance labor......... 7,815,000 6,465,000 +1,350,000
Maintenance supervision... 1,563,000 1,293,000 +270,000
Maintenance material
and contracts............ 11,722,500 9,697,500 +2,025,000
Subtotal........... 21,100,500 17,455,500 +3,645,000
Payrol1 overhead.......... 3,665,600 3,197,800 +467,800
Operating supplies........ 4.220,100 3,491,100 +729,000
Total direct cost.| 86,270,400 81,511,700 +4,758,700
Indirect cost............... 11,264,600 9,539,200 +1,725,400
Fixed cost:
Taxes and insurance....... 8,430,900 6,970,500 +1,460,400
Depreciation.............. 24,238,900 20,040,100 +4,198,800
Total, before credit.| 130,204,800 118,061,500 +12,143,300
Sulfur credit............... 2,226,700 2,226,700 0
Operating cost, after credit| 127,978,100 115,834,800 +12,143,300
160
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TABLE 3. - Unit cost comparison

Cost per Mscf of product

Process unit Lock hopper Slurry feeding
system system
Coal preparation ............ $0.13 $0.13
Gasification ................ 1.32 1.41
Lock hopper system ......... .50 -
Slurry preparation........... - .16
Dust removal ................ .02 .02
Shift conversion ............ .18 .05
Purification ................ .64 .63
Methanation ................. 17 7
Drying ....vuiiiiiieiiieennn .01 .01
Sulfur recovery ............. - -
Flue gas processing ......... 11 1
Total .......cooviain.. 3.08 2.69

Basis: Coal at $13/ton - 15% DCF.
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Coal Desulfurization During Gaseous Treatment
Edmund Tao Kang Huang* and Allen H. Pulsifer

Department of Chemical Engineering
and
Energy and Mineral Resources Research Institute
Jowa State University
Ames, Jowa 50011

Sulfur removal from coal during treatment in gaseous atmospheres at elevated
temperatures is of interest both because such a treatment might serve as a basis
for a coal desulfurization process and because knowledge of the fate of sulfur
under such conditions has application to the behavior of coal during carbonization
or gasification. In the work reported here, desulfurization of both a raw and
deashed Iowa coal were investigated in three different gases, nitrogen, hydrogen
and a 6% oxygen-947 nitrogen gas mixture. With each gas, both the temperature
and holding time at temperature were varied. With hydrogen and nitrogen, the
temperature was varied between 300 and 700°C. The temperature range used with
the oxygen-nitrogen mixture was only from 350 to 455°C due to the large weight
loss at higher temperatures caused by combustion of the sample. Holding time at
temperature was varied from 0 to 60 min.

EXPERIMENTAL

The investigation was carried out in a Rigaku CN800O1 H type thermal analyzer
which included a thermal gravimetric analyzer, a preprogrammed heating unit and
temperature control system, and a data recording unit. To carry out a run, about
300mg of coal (<125p) was placed on the sample pan of the thermal analyzer and
heated to the desired temperature using a heating rate of 20°C/min while maintain-
ing a flow of gas over the sample. After holding the sample at temperature for
the desired period of time, the gas flow was switched to nitrogen and the reaction
chamber was cooled with the initial cooling rate being on the order of 250°C/min.
The sample weight was recorded continuously, and at the end of the run the total
and organic sulfur contents of the treated coal were determined.

The coal came from the Jude mine, Mahaska County, Iowa, and is a high-
volatile-C bituminous coal. The raw coal contained 3.257% inorganic sulfur and
3.04% organic sulfur (moisture-free basis). The deashed Jude coal was prepared
by twice floating the raw coal in a heavy liquid medium having a specific gravity
of 1.3. It contained 4.74% organic sulfur, but only 0.69% inorganic sulfur. Thus,
the results of experiments using the deashed coal manifested largely the behavior
of the organic sulfur compounds in the coal. The analyses of the raw and deashed
coal are shown in Table 1.

Table 1. Proximate analyses of coal samples

Proximate Analysis Raw Coal Deashed Coal
Moisture 1.22% 2.217%

Ash 18.807% 5.54%
Volatile matter 39.68% 45,72%
Fixed carbon 40.30% 46.53%

*Currently at Allis-Chalmers, Milwaukee, Wisconsin.
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RESULTS AND DISCUSSION

Effect of Temperature and Holding Time

The effect of temperature upon sulfur removal in each of the three gases was
investigated by heating the coal sample to the desired temperature using a heating
rate of 20°C/min. followed by immediate cooling. In nitrogen, the amount of sulfur
in all forms except for the organic sulfur in the raw coal tended.to decrease with
increasing temperature, with the decrease being greater for the deashed coal. At
700°C, the total sulfur content of the raw coal and the total and organic contents
of the deashed coal were 5.60, 3.27 and 3.05 wt.%, respectively. On the other
hand, the organic sulfur content of the raw coal increased from 3.04 to 4.82 wt.%
as the temperature was increased from room temperature to 700°C. Since the raw
coal contained a substantial amount of inorganic sulfur, this result indicated
that inorganic sulfur was being transformed into organic sulfur during the heating
process.

The various sulfur contents of the coal samples were not greatly affected
when the coal was held at constant temperature. At lower temperatures, the sulfur
contents tended to decrease slightly, while they tended to increase when held at
higher temperatures.

Fig. 1 shows the effect of temperature on the total and organic sulfur con-
tent of the raw and deashed coal when treated with hydrogen. Again, except for
the organic sulfur content of the raw coal which increased slightly, the various
sulfur contents all decreased with increasing temperature. When the coal was
held at temperature for extended periods, there was little change in the sulfur
content at temperatures below 600°C. However, at higher temperatures the sulfur
content decreased significantly when the sample was held at temperature in hydrogen.

The effectiveness of hydrogen for preferential removal of the organic sulfur
can be determined by comparing the differences in the amount of organic sulfur
removed during treatment with nitrogen and hydrogen. Any desulfurization in nitro-
gen is due to the evolution of volatile compounds containing sulfur. Therefore,
no matter what the temperature or treatment time, a unique relationship should
exist between the organic sulfur removed and the weight loss. The data collected
with deashed Jude coal did indeed exhibit such a relationship (Fig. 2).

In hydrogen, sulfur is removed either by devolatilization, as in nitrogen, or
by reaction of the hydrogen with sulfur in the organic matrix to form hydrogen
sulfide. The effectiveness of hydrogenation for desulfurization can be judged by
comparing the organic sulfur removed versus weight loss curves in hydrogen and
nitrogen (Fig. 2). Up to a weight loss of about 40% (point A, Fig. 2), the organic
sulfur loss curves in the two gases were nearly the same. However, at higher
weight losses, the organic sulfur removed in hydrogen increased rapidly with only
a slight increase in weight loss indicating that the sulfur-hydrogen reaction was
taking place. All the experimental points at weight losses greater than that
shown by point A were taken at 600 and 700°C. Reaction of hydrogen with the sul-
fur in coal appears therefore to be significant only at temperatures above 600°C.
At lower temperatures, desulfurization in both hydrogen and nitrogen occur only
due to removal of volatile, sulfur-containing compounds. The onset of the hydrogen-
sulfur reaction accounts for the reduction of sulfur content with increased hold-
ing time at temperatures above 600°C.

The final gas tested was a mixture of nitrogen with 6% oxygen. The effect on
the sulfur content of treatment in the range from 350 to 455°C was slight, with
a small decrease in the amount of all forms of sulfur occurring if the coal was
held at a temperature in this range. However, the amount of sulfur in the coal
decreased fairly substantially as the coal was heated from room temperature to

166

! ! g,-d L-v.«




|

— —_—— P RPN — Py — 'Ili _
Illl, llll, llll llll Illl !lll !III . .Illl

r——I.— o

— »i r‘l—.ﬂ

350°C in an oxidizing atmosphere with the sulfur contents of the two coals at
350°C being as follows:

Sulfur Content, wt.Z

Total Organic
Raw coal 4.77 2.58
Deashed coal 3.87 3.39

Transformation of Sulfur

As previously noted, the results of the experiments indicated that some of the
inorganic sulfur was trapped by the organic portion of the coal during the heating
process. This same phenomenon has been observed by Snow (1) and Cernic-Simic (2).
In an attempt to estimate the fraction of inorganic sulfur released as gas (Gy) or
transformed into organic sulfur (f) and the fraction of original organic sulfur
released as gas (Gp), the following reaction scheme was postulated.

Inorganic Sulfur Inorganic Sulfur Gas
—_— s X .
in Coal in the Solid Residue Released

Fixation Reaction with(f)
\:rbonaeous Material

Organic Sulfur Organic Sulfur in Gas

in Coal b the Solid Residue + Released(GZ)

()]

By assuming that this scheme applied to both the raw and deashed coal, G;, G2
and f were estimated from sulfur material balances. Details of the calculations
are available elsewhere (3).

The fixation reaction, characterized by f, started at 300°C in nitrogen and
increased rapidly between 400 and 500°C with f reaching 0.7 at 700°C. G; was
generally small at all temperatures, being between 0 and 0.1. Gy increased
rapidly between 300 and 500°C, and then started to level off between 600 and
700°C. About 70% of the original organic sulfur was released as gaseous com-
pounds at 700°C. 1In nitrogen, the effect on G, Gy and f of holding time when
the sample was kept at constant temperature was small.

The fraction of inorganic sulfur transformed into organic sulfur (f) was
larger in hydrogen than in nitrogen at low temperatures (Fig. 3). However, f
remained constant at temperatures above 400°C. G; was again small, while G2
increased with increasing temperature as it had in nitrogen. f and G2 increased
slowly when the smaples were held at 400°C, while G} remained relatively constant.
At 700°C, G1 and Gy both increased slightly with holding time, but f decreased
from 0.5 to about 0.2 when the holding time was varied from O to 60 min. Apparent-
1y the HS formed from the organic sulfur reacted with the iron to produce FeS.

The fraction of inorganic sulfur transformed into organic sulfur (f) in the
oxidizing atmosphere was comparable to that in nitrogen at the same temperature.
It increased rapidly from about 0.1 at 350°C to 0.36 at 450°C. The fraction of
inorganic sulfur released into the gas phase (Gj) was much larger than in nitrogen
or hydrogen since the reaction of pyrite with oxygen is thermodynamically more
favorable than the reaction of pyrite with hydrogen. Gj was almost unchanged with
temperature between 350 and 455°C and was equal to about 0.3. G, also was larger
in the oxygen-nitrogen mixture and increased rapidly with temperature. About 557
of the organic sulfur was released at 455°C. Gj and G2 both increased with hold-
ing time at 400°C in the oxidizing atmosphere, while f decreased as the holding
time was increased.
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CONCLUSIONS

Temperature is the most important factor influencing desulfurization in the
three gases tested. The holding time at temperature is less important except in
the case of hydrogen above 600°C where the sulfur content of the sample decreases
with increased holding time. The experimental evidence indicated that this was
due to the direct reaction of hydrogen with sulfur in the organic portion of the
coal which takes place only at temperatures of 600°C or above. It was observed
in the experiments that some inorganic sulfur was transformed into organic sulfur
during the gaseous treatment. The fractions of inorganic and organic sulfur
released as gases and the fraction of inorganic sulfur transformed into organic
sulfur were estimated for each of the gas atmospheres and conditions of tempera-
ture and time used.
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